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CHAPTER I
INTRODUCTION
1.1 Reactive Distillation
Reactive distillation is an old concept that combines chemical reaction and
physical separation in the same unit. It is a unit operation that combines a reactor as an
integral part of the distillation column. It can be utilized for either equilibrium reactions
or non-equilibrium (irreversible) reactions. In the first case, the withdrawal of products
as they are formed results in an increase in the conversion that can be achieved. This
increase is achieved through a shift in the equilibrium, based on Le Chatelier’s principle.
In the second case, it is generally applied to systems where products may react with
reactants, causing a decrease in product yield in conventional reactors.
The advantages of combining distillation with reaction were recognized by
Backhaus in 1921, with the awarding of his patent for a continuous process to
manufacture methyl acetate. The industrial application of this process was not realized
until 1982, when Agreda and co-workers (Agreda et al., 1983) at Eastman Kodak
patented their commercial process for methyl acetate production using sulfuric acid as the
homogeneous catalyst. In this application, one reactive distillation column replaced a
complex plant with multiple distillation columns to achieve the required separation. The
complexity of the formerly utilized production scheme was due to equilibrium limitations
1
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and the presence of two minimum boiling azeotropes (methyl acetate with water and
methyl acetate with methanol) among the chemicals contained in the reactor effluent.
Use of reactive distillation greatly simplified the separation section required to obtain the
methyl acetate product. The methyl acetate/methanol azeotropic mixture was recycled to
the reactor (Agreda et al., 1990).
Another important example of commercial success of reactive distillation is the
production of methyl tertiary butyl ether (MTBE), an octane enhancer that reduces air
pollution. In this application, a pre-reactor and a reactive distillation column replaced a
reactor followed by a train of distillation columns needed to produce high purity MTBE.
The reaction between methanol and isobutene to form MTBE is equilibrium limited and
the feed to a conventional reactor requires a relatively low methanol/isobutene
stoichiometric ratio in the feed. Maintaining the methanol/isobutene ratio below 1.05
allows recovery of the product MTBE as the bottoms product from a distillation tower
with the overhead product being at the azeotropic composition of methanol and
isobutene. Feeding a higher methanol/isobutene ratio results in recovery of the MTBE
from the bottoms at the methanol/MTBE azeotropic composition (Toghiani et al., 1996).
Use of reactive distillation allows more economical recovery of the MTBE product. In
1980, Smith registered a patent to process MTBE for Chemical Research and Licensing
Company. He used a reactive distillation system, containing catalytic packing. The pilot
plant was 3 inches in diameter and it was used to predict the operation variables of a large
commercial plant (Abufares, 1993; 1995).
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In spite of a decline in MTBE production due to the documented contamination of
ground water (McSwain, 2002), the application is among the most widely used
commercially. Synthesis of chemicals through reactive distillation has been mainly
applied to processes such as esterifications, hydrolysis reactions, transesterifications, and
etherifications. A detailed list of reactions where reactive distillation is advantageous is
cited in Doherty and Malone (2001).
Due to its potential for improved process design and the success of its commercial
applications, reactive distillation gained the interest of both academics and industry
toward its use and application in commercial processes. Figures 1.1 and 1.2 show the
growing interest in reactive distillation in recent years. These data were compiled from
the ACS databases CAPLUS, CHEMCATS and CHEMLIST. Some 400 publications

year

Figure 1.1. Publications and Patents on Reactive Distillation
- Historical Trends - (1973-2003).
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1.2 Advantages and Constraints
The advantages and constraints in reactive distillation are specific to each system.
However, in general, the more advantages a particular system presents, the more
attractive the use of reactive distillation becomes.
Advantages
•

Effecting distillation and reaction simultaneously reduces the capital costs and
includes benefits such as reduction of recycle, optimization of separation, lower
requirements of pumps, instrumentation and piping (Tuchlenski et al., 2001).

•

An equilibrium reaction can be driven to completion by separation of the products
from the reacting mixture (i.e., reactant conversions can approach 100%). This is
advantageous when the equilibrium conversion of a reaction is particularly low.

•

Elimination of possible side reactions by removal of the products from the
reaction zone. This can serve to increase selectivity.
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•

Savings associated with energy costs, through use of the energy released by
exothermic reactions for vaporization. This reduces the reboiler heat duty for boilup that is supplied normally by steam.

•

Non-reactive azeotropes may disappear under reactive distillation conditions. For
example, the methyl acetate-water azeotrope in equilibrium reactive distillation
disappears because it reacts in a four component mixture.

•

Improved materials use. For example, it may be possible to operate with a
reduction in the amount of excess reactant fed to the reactor. Normally, feeding
one reactant in excess is used to shift the equilibrium towards the production of
products. With reactive distillation, this shift is attained through removal of the
reaction product(s) from the reaction phase. Also, elimination of by-products
formation may allow use of lesser quantities of reactants. It may also be possible
to eliminate or partially eliminate solvents.

•

Reduction of hot spots, because the liquid vaporization provides a sink for
thermal energy.

Constraints
•

Mismatch of reaction and distillation conditions. The temperature and pressure
ranges for reaction and separation must overlap.

•

Suitable volatilities of reactants and products to keep high concentrations of
reactants in the reaction zone. Seader (1998) gives three cases ideal for reactive
distillation: i) A↔R or A↔2R, R is more volatile than A. ii) A↔R or A↔2R, A
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is more volatile than R; and iii) 2A↔R+S or A+B↔R+S, A and B are
intermediate in volatility to R and S, R is the most volatile.
•

Reaction may form “reactive azeotropes”.These azeotropes are induced by the
reaction affecting the separation.

•

Long reaction residence times, implies large hold-ups and large column size.

•

Technical constraints such as adequate catalyst characteristics. For details about
the catalyst for reactive distillation, see Chapter 2, section 2.2.3.

1.3 Why Metathesis is a Good Candidate for Reactive Distillation
Olefin metathesis is a reversible reaction, typically carried out catalytically. In the
metathesis reaction, one or more olefins are converted into alkenes of different molecular
weights:
2RCH=CHR’↔ RCH=CHR + R’CH=CHR’
Metathesis is a good candidate for reactive distillation since many reactions of
this type are carried out in the liquid phase at mild temperatures. However, when
heterogeneous catalysts are employed, a very wide range of temperatures can be used,
depending on the catalytic system. The catalyst affects design and operation conditions.
Investigations for metathesis of 1-octene were done in a homogeneous system such as
Et3Al.WCl6 in chlorobenzene as cited by Dragutan et al. (1985). However, further
investigations were carried out with heterogeneous phase, with one of the favorite
catalysts being Re2O7 over alumina as support. The maximum conversion for a
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metathesis reaction is limited by thermodynamic equilibrium. This type of reaction does
not present reactive azeotropes since the reactive boiling point is intermediate among the
products (Barbosa, 1987). Because the reactant and one of the products of this reaction
are olefins, the non-ideality they present with respect to liquid phase behavior is due to
their different molecular weights. Side reactions such as secondary metathesis and
isomerization are minimized by the withdrawal of the products. This removal of products
from the reacting phase is fairly easy to accomplish due to the lower boiling point
corresponding to one of the products.
Reactive distillation has been used for other metathesis reactions. These include
the homogeneous metathesis of 2-pentene to form 2-butene and 3-hexene at atmospheric
pressure (Okasinski and Doherty, 1998). The authors used Raoult’s law to describe the
kinetically controlled reactive distillation column. The disproportionation of 1- butene to
ethylene and 3- hexane was patented by Dow Chemical (Jung et al., 1987). They used a
reactive distillation column filled with Re2O7 over alumina, a commercial catalyst
available for both laboratory and industrial applications. This invention was capable of
obtaining high conversion and high selectivity compared to conventional technology. In
the present work, the metathesis of 1-octene for production of 7-tetradecene by reactive
distillation is examined.
2(C8H16) ↔ C14H28+ C2H4
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This metathesis reaction has unfavorable equilibrium conversion. Moreover,
simultaneous high conversion and high selectivity have not been reported in the
literature.
In this work, use of reactive distillation will be examined to overcome the
thermodynamically limited maximum equilibrium conversion by removing the reaction
products from the reacting phase, thus, shifting the equilibrium in favor of the forward
reaction. This investigation will be carried out in a systematic manner and will focus on
those aspects important to modeling and simulation for the production of 7-tetradecene
by reactive distillation. This will allow an assessment of whether reactive distillation is
beneficial for the metathesis of 1-octene as compared to conventional technology. This
work will provide information concerning the attainable conversion through combined
reaction/separation and provide a basic design for further development of the process.

1.4 7-tetradecene
7- tetradecene is a long-chain alkene (olefin) with symmetrical internal placement
of the double bond. It is sold commercially by Sigma-Aldrich at a price of $112 per 100
ml. Actually, it is used in laboratory synthesis for production of organic chemicals and it
is a versatile compound used to produce synthetic fatty acids and specialty chemicals
(Spronk and Mol, 1991).
The following discussion surveys the literature reporting conventional technology
for the production of 7-tetradecene. Reactions are typically carried out in either fixed bed
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reactors or batch reactors. However, different catalysts are employed over differing
temperature ranges for the metathesis of 1-octene.
Du Plessis et al. (1999) patented a process for treating unsaturated hydrocarbons.
When using 1-octene as feed and stirring for 5 to 24 hours, 7-tetradecene was obtained at
room temperature and one bar. The catalyst employed was an extrudate comprised of
silica-alumina and methyl tin. The selectivity was 87 %, however, conversion was low,
46.4 % of 1-octene did not react. Ookoshi and Onaka (1998) claimed high selectivity and
yield when using MoO3/mesoporous silica for the metathesis of 1-octene in a batch
system at 323 K. After a specific time, the solid catalyst was filtered off, and the organic
products were collected. The 7-tetradecene was then isolated from the organic products.
The authors also compared the metathesis of 1-octene using MoO3/Al2O3 and
MoO3/Al2O3 modified with CoO or K2O and concluded that their catalyst was superior.
In 2000, Ookoshi et al., also patented another metathesis catalyst containing phosphorus
and molybdenum on silica. In 2002, Nakajo and Onaka, claimed a new patent for a metal
oxide catalyst on meso-porous alumina as support. Another work reported was the
metathesis of 1-octene in a fixed bed reactor using Re2O7/γ-Al2O3 in the range of 290 K
to 360 K (Spronk et al., 1992). Examples such as these are extensive in the literature.
Tables 1.1 and 1.2 are compilations of available patents and publications on the

metathesis of 1-octene.
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Table 1.1. Patents – Listed in Scifinder 2002 (Chemical Abstract).
Year/
Patent #
2002
143682

2002
024713

1999
594265
U.S.

Title

Brief Abstract

Company/
Author/s

Metathesis
catalyst for
reactions of
olefins.

The metathesis catalyst comprises a
meso-porous alumina support having a
surface area 300-1,000 m2/g.

Nakajo et al.

Dicationic
ruthenium
carbene
complexes,
their
preparation
and use as
catalysts for
olefin
metathesis
reactions.
Metathesis
process and
catalysts
for the
conversion of
alkenes in
different
alkenes

[Ru(CH:CH2)(MeCN)2(PCy3)2]PF6,
was used as a metathesis catalyst for
1-octene.

Catalyst comprises silica, alumina,
and a tetraalkyltin compd. (e.g.,
SnMe4), using a 75:25 mol ratio of
silica to alumina.

Metathesis of
Catalyst comprises [Ir(COE)LX]2 (I)
acyclic olefins
and AgO2CR (II) X is Cl, Br, or I; R is
using an
1994
a C1-10 fluorinated hydrocarbyl; COE
5352812 iridium/silver
is cyclooctene; L is cyclooctene or
catalyst
P(C6F5)3
composition

Basf
Aktiengesellschaft,
Germany
Stueer et al.

Sasol Technology
(Proprietary)
Limited, S. Afr.
Du Plessis et al.

Du Pont de
Nemours, E. I.,
and Co., USA.
Feldman et al.
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Table 1.2. Publications – Listed in Scifinder 2002 (Chemical Abstract)
Paper title

Journal and
year/ Author/s

The metathesis of 1octene with the
W(O-2,6C6H3X2)2Cl4/R4Sn
catalytic system

Journal of
Molecular
Catalyst (1997).
Vosloo, H. C. et
al.

[CpMo(CO)3]2 as a
catalyst for olefin
metathesis

Journal of
Molecular
Catalyst(1994).
Du Plessis et al.

Synthesis of a
MolybdenumContaining
Silsesquioxane
Which Rapidly
Catalyzes the
Metathesis of
Olefins

Journal of
American
Chemical
society (1994).
Feher et al.

This metallasilsesquioxane is a highly
active catalyst for the metathesis of 1-octene
and 2-octene

A method for the
calculation of
combined phase and
chemical equilibria:
thermodynamics of
the metathesis of 1octene in the liquid
phase.

Fluid Phase
Equilibria
(1993). Dekker
et al.

The thermodynamic equilibrium
conversions for the metathesis of 1-octene
into ethene and 7-tetradecene in the liquid
phase were determined experimentally at a
pressure of 9 bars in the temperature range
295-353 K. A computer program was used
for prediction of the equilibrium conversion
at different temperatures and pressures.

Metathesis of 1alkenes in the liquid
phase over a
rhenium oxide
(Re2O7)/γ-alumina
catalyst. II.
Kinetics of
deactivation

The methodology for the optimal design of
a catalytic reactor for the metathesis of
Applied
Catalysis, A:
alkenes over a deactivating Re2O7/γ-Al2O3
General (1992). catalyst was studied. The kinetics of the
Spronk et al.
reaction, excluding deactivation, was
modeled.

Brief Abstract
W(VI) complexes W(O-2,6-C6H3R2)2Cl4 [I;
R = Cl (II), Ph (III)] are active catalysts in
the presence of R4Sn (R = Bu, Me)
cocatalysts. Optimum results were obtained
after ≥10 min at >65 οC under N2 with 3:1
M Sn-W.
At ≤120οC, dimers and oligomers were
formed. At higher temperatures, metathesis
and isomerization of olefins and alkylation
of the solvent by short chain olefins
occurred.
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Table 1.2. (Continued)
The reactivity order of linear 1-alkenes (1hexene, 1-octene, and 1-decene) was
studied during co (metathesis) over a
heterogeneous Re2O7/γ-Al2O3 catalyst
metathesis, the reaction rates decreased with
increasing length of the carbon chain.

Metathesis of 1alkenes in the liquid
phase over a
rhenium oxide
(Re2O7)/γ-alumina
catalyst. Reactivity
of the alkenes.

Applied
Catalysis
(1991). Spronk
and Mol.

Investigation of
polymerization and
metathesis
reactions. Part XIII.
Heterogeneous
bimetallic
metathesis catalysts
by reactions of
differently
substituted Fischertype tungsten
carbene complexes
with reduced
Phillips catalyst

Reactions of reduced Phillips catalyst, a
polymerization catalyst for 1-alkenes, with
differently substituted Fischer tungsten
carbene complexes (CO)5W:CR1R2 (R1 =
Ph, 4-tolyl, Me; R2 = Ph, OMe), which are
Journal of
metathesis catalysts with poor activity, give
Molecular
bimetallic heterogeneous compounds via
Catalysis
(1988). Weiss et loss of one CO ligand. All were very active
metathesis catalysts, and no polymerization
al.
of 1-octene was observed The new
metathesis catalysts are stable at 20°C and
can be stored without loss of activity for
some months

Activity and
selectivity of
rhenium-based
catalysts for alkene
metathesis

Journal of
Molecular
Catalysis
(1988). Mol and
Andreini.

Studies on
polymerization and
metathesis
reactions. 15.
Heterogeneous
metathesis-active
Schrock carbene
complexes by
reaction of tungsten
(VI) carbyne
complexes with
silica gel.

The title complexes, R2W:CHCMe3 (R = Cl,
Angewandte
Me3CO, neopentyl), bound to silica gel,
Chemie (1989),
served as effective catalysts in the
Weiss and
metathesis of 1-octene to give 7Loessel.
tetradecene.

Activities and selectivities of Re2O7containing catalysts based on SiO2-Al2O3,
Al-treated SiO2, and γ-Al2O3 for the
metathesis of 1-octene were compared. In
all cases, the promoter was SnEt4.
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Table 1.2. (Continued)

The metathesis of 1octene with
RN(CH3)3ClW(CO)
5/ethylaluminum
dichloride as
catalytic system.

Journal of
Molecular
Catalysis
(1988), Du
Plessis et al.

The metathesis of 1-octene using
RN(CH3)3ClW(CO)5/C2H5AlCl2 (R = CH3
as catalyst was studied. A product spectrum
ranging from C2 to C14 and polymers are
observed HCl or H2O is necessary to
promote the reactions, but excess
deactivates the system. If excess oxygen is
added an increase in the metathesis product
content is observed.

Novel rhenium
catalysts (chlorides
and/or alkoxides
dispersed on
inorganic supports)
for metathesis: a
comparison with
ammonium
perrhenate
precursors

Journal of
Molecular
Catalysis
(1988).
Bregeault et al.

Easily accessible chloro complexes such as
K2[ReCl6] and/or Re2Cl10 are used to
prepare heterogeneous catalysts which
catalyze both double bond isomerization
and metathesis of 1-octene at room
temperature.

Air-stable binuclear
alkoxytungsten
complexes as
catalyst precursors
for olefin metathesis

Canadian
Journal of
Chemistry
(1988). Savard
and Howard

tetrachlorobis(µ-methoxy) bis (methanolo)
dimethoxyditungten (I) and tetrachlorobis
(µ-ethoxy) tetraethoxyditungsten (II) as
catalysts for the metathesis of 1-octene (III).
III is converted to 7-tetradecene in good
yields when Et2AlCl is used as cocatalyst.

Heterogeneous
bimetal metathesis
catalysts from
carbene complexes
of the Fischer type
and reduced Phillips
catalyst

The catalysts were prepared. by treating
reduced Phillips catalyst [Cr(II) on silica
Angewandte
Chemie (1988), gel] with (OC)5M:CPhOMe (M = Cr, Mo,
Weiss et al.
W) in pentane. But the Cr-Mo catalyst gave
7-tetradecene.
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In the literature, what are lacking are materials related to the process
development of this reaction for commercialization. In the majority of publications,
batch reactors with stirring were used. Only a few papers refer to fixed bed reactors.
Among these papers is a very interesting one by Spronk et al. (1992), which deals with
two modes of reactor operation: isothermal operation at the equilibrium conversion and
nonisothermal operation. In the nonisothermal operation, the temperature is programmed
for the bed reactor taking into consideration catalyst deactivation. These two operating
modes are compared and the conclusion is that the second approach is superior.
However, operation with either of these modes gave low conversion but high selectivity.
No examples of reactive distillation for the metathesis of 1-octene were identified
in the literature. However, an alternative to the conventional approach for reactor
operation was to remove the ethylene in an effort to shift equilibrium to increase the
conversion (Amass, 2002).
Based on the success of the Dow process for the metathesis of 1-butene by
catalytic reactive distillation, which was reported to give high conversion and selectivity,
the study of the feasibility for the production of 7-tetradecene by reactive distillation has
been undertaken in this work. The elimination of ethylene and 7-tetradecene while the
reaction proceeds will increase the conversion.

1.5 Thesis Outline
Chapter 1 provides an introduction to reactive distillation, metathesis and 7tetradecene technology and applications. The objectives of the thesis have been stated.
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Chapter 2 presents a brief literature review related to the issues important to simulation
and modeling of reactive distillation. Chapter 3 discusses the thermodynamics, kinetics
and physical properties of the chemical system under study. Due to a lack of available
thermodynamic data for 7-tetradecene, available estimation techniques were examined
and assessed. These results were then integrated into the simulation package. Chapter 4
includes a definition of the problem and the system chosen. In this chapter is included a
detailed approach for the simulation, the mathematical modeling for the catalytic
distillation with reaction column and the results. Chapter 5 summarizes the conclusions
reached during the course of this research and recommendations for future work.
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CHAPTER II
LITERATURE REVIEW
2.1 Introduction
Reactive distillation is being used in industrial applications with more frequency
because of increasing research and development of this technology, a result of
commercial and academic experience and success. Examples of commercialized
technologies are the Ethermax process from UOP-Huls and Koch Engineering that uses
the KataMax structured packing from Koch (Frey et al., 1993; Gregor et al., 1992), and
Catacol, a low cost reactive distillation technology for etherification from IFP’s
Industrial Division (Nocca and Chodorge, 2002).
Despite these recent advances, there is no generally accepted method for the
design of distillation with reaction. Most of the systematic methods available possess
limitations because of their simplified assumptions. Moreover, these methods have rarely
been proven with a variety of reactive distillation processes and they do not consider the
design in detail (Doherty and Buzad, 1992; Subawalla and Fair, 1999).
In spite of the advances in separation with reaction processes, reactive distillation
still relies on intuition and expertise. A reactive distillation problem can be studied using
different

approaches

including:

feasibility,

simulation,

modeling,

design

and

experimental studies in the laboratory and the pilot plant. A combination of all
16
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of these methods gives rise to the most accurate solution to the problem. One very
important aspect of predicting the behavior in these systems is the model used to design
and simulate the reactive distillation process. In the literature, the most common models
that have been developed and proven are the equilibrium stage model and the nonequilibrium stage model. The equilibrium stage model is based on the conventional
equilibrium-stage model of a distillation column with the addition of the reaction terms in
the mass and energy balances. The non-equilibrium stage model for reactive distillation,
also known as the rate-based model, is an extension of the conventional rate based model
for distillation. In this chapter, a discussion of the important aspects of modeling,
simulation, design and analysis of reactive distillation is provided

2.2 Modeling
An effective way of decomposing the modeling aspects of reactive distillation
involves the following classification of the models existing for distillation with reaction
(Baur, 2000).
I. Steady-state equilibrium stage model, with either chemical equilibrium or nth order
kinetic reaction model. With or without stage efficiencies;
II. Dynamic equilibrium stage model, with or without stage efficiencies;
III. Steady-state non-equilibrium stage model;
IV. Dynamic non-equilibrium stage model;
V. Steady-state non-equilibrium cell model, that accounts for staging of the vapor and
liquid phases inside the column.
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For the purpose of this study, two primary approaches available in the literature for
modeling reactive distillation columns will be discussed.
i)

Equilibrium stage model;

ii)

Non-equilibrium stage model.

2.2.1 Equilibrium Stage Model
The equilibrium stage model assumes that the vapor and liquid streams leaving a
given stage are in thermodynamic equilibrium with one another. These models can be
coupled with the assumption of chemical equilibrium at each stage or the kinetics can be
described using an nth order kinetic reaction model.
The column is described by a group of equations that model the equilibrium
stages in a column configuration. These are known as the MESH equations. MESH
stands for:
M: Material balance equations for each component and total mass.
E: Equilibrium equations.
S: Summation equations or composition constraints.
H: Heat or energy balance equations
For a better understanding of the MESH equations, schematic diagrams of a
general equilibrium stage and of a multi-stage column are shown in Figures 2.1 and 2.2,
respectively.
The liquid and vapor streams (Lj & Vj) leaving each stage are assumed to be in
equilibrium and thus, compositions for these streams fall on the equilibrium curve. The
inter-stage vapor and liquid streams (Vj & Lj-1) lie on the operating line.
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2.2.1.1 Equilibrium Stage Model Equations for a Single Stage
The model equations for a generic stage j and component i are represented based
on the commonly used distillation equations, with incorporation of the reaction terms
The total material balance on stage j is given by equation (2.1).
dM j
dt

c

= L j−1 + Vj+1 + Fj − Vj − S vj − L j − S lj + ε j ∑
i =1

r

∑υ
k =1

r

(2.1)

i ,k k , j

Mj is the hold up of the liquid phase on the stage. The vapor phase hold-up will be
neglected. The last term
c

εj∑
i =1

r

∑υ
k =1

r

i ,k k , j

is the rate of disappearance of the total moles due to any k reaction on stage j.
The material balance for component i on stage j is given by equation (2.2):
d (M j x i , j )
dt

(

)

(

)

r

= L j−1 x i , j−1 + Vj+1 y j+1 + Fj z i , j − Vj + S y i , j − L j + S x i , j + ε j ∑ υ i.k rk , j
v
j

l
j

(2.2)

k =1

Again, the last term represents the contribution of chemical reaction to the disappearance
of component i on a stage. The compositions of the streams leaving a stage are in
thermodynamic equilibrium. Therefore, the mole fractions of component i in the liquid
and vapor streams leaving stage j are related by the equilibrium relationship shown in
equation (2.3):
y i, j = K i, j x i, j

(2.3)

Two additional equations arise from the necessity that the mole fractions of all
components, in either liquid or vapor phase, sum to unity.
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c

∑x
i =1

i, j

=1

(2.4)

i, j

=1

(2.5)

c

∑y
i =1

The energy balance for stage j is:
d(M j H j )
dt

= L j−1 H Lj−1 + Vj+1 H Vj+1 + Fj H Fj − (Vj + S Vj )H Vj − (L j + S Lj )H Lj − Q j

(2.6)

The left hand side represents the accumulation of enthalpy on a stage. Since enthalpies
are referred to their elemental state, no heat of reaction term explicitly appears in the
energy balance because it is automatically accounted for Fogler (1999) shows how the
molar flow rates/enthalpy terms are partitioned in order to have the heat of reaction term
explicitly appear in the energy balance.
The above equations assume that equilibrium is achieved on each stage.
However, in practice, non-equilibrium conditions do exist and have typically been
accounted for through use of stage efficiencies. Two commonly used efficiencies are the
overall stage efficiency and the Murphee vapor-phase stage efficiency. The Murphee
efficiency is incorporated into the MESH equations by replacing the equilibrium equation
with the definition (2.7).

(E MV )i, j =

(y
(y

i, j

− y i , j+1 )

*
i, j

− y i , j+1

)

(2.7)

Incorporating the equilibrium relationship, equation (2.3), into equation (2.7) yields:

(E MV )i, j =

(y

(K

i, j

i, j

− y i , j+1 )

x i , j − y i , j+1
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)

(2.8)

The concept of efficiency works very well for binary systems. However, for
multicomponent systems in reactive distillation, the values of the efficiencies are
uncertain due to the effect of separation coupled with chemical reaction. Since reactive
distillation is determined by rate controlling steps including diffusional mass transport
and reactions, the equilibrium stage models do not always give an accurate physical
description of what is happening in a packed distillation column with reaction. One
reason for this is that the model assumes a staged tower with discontinuous contact of
liquid and vapor.
More consistent with reactive distillation is the non-equilibrium, or rate-based
model. In this model, the efficiency and the HETP concept are abandoned, eliminating
the equilibrium-stage concept within the model. The non-equilibrium model considers the
effect of reaction on the mass and energy balance equations for vapor and liquid phases
and applies the concept of mass transfer rates along the column (Seader, 1998; Pilavachi
et al., 1997).
2.2.2 Non-equilibrium or Rate-based Model
A non-equilibrium or rate-based model employs a transport phenomena approach
and the film model description for predicting the mass transfer rates. It assumes
equilibrium is established at the interface between vapor and liquid phases. The flux of
mass and energy across the interfacial area from one bulk phase to the other and an nth
order chemical reaction at each stage are considered. Mass and heat transfer correlations
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are an integral part of the non-equilibrium model. The model also uses the height of the
packing and treats the column as a continuous element. This treatment provides a much
better description of the performance of an actual column.
In 1985, Krishnamurthy and Taylor developed and tested the first rate-based
model for application to tray and packed columns. The column is described by a group of
equations, which are known as the MERQ equations. The MERQ equations are an
extension of the MESH equations, but differ in that they include mass transfer equations
and reaction. MERQ stands for:
M: Material balance equations for each component in the bulk liquid and vapor
phase, and across the interface.
E: Energy balance equations in the bulk liquid and vapor phase, and across the
interface.
R: Rate equations for mass transfer of c-1 components, plus one energy transfer
rate equation.
Q: eQuilibrium equation at the interface.
In non-equilibrium models for packed columns, the subscript j is used to denote a
section of packing.
2.2.2.1 Non-equilibrium Stage Model Equations for a Single Stage
The model equations for a generic stage j (tray or packing section) and component
i may be represented based on conventional distillation equations that incorporate the
chemical reaction term (Taylor and Krishnamurthy, 1985). Figure 2.3 is a schematic
representation of the non-equilibrium stage model. Since the model uses a pseudo-
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homogeneous reaction approach, it is not necessary to include the solid phase in the
figure. This model shows the transfer of mass and energy across the interface between
phases and the effect of the proceeding reaction on the change in moles in the liquid
phase. At the interface, phase equilibrium is assumed to be established. The nonequilibrium stage model should be preferred in the advanced stages of process
development.
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For component i, the material balance in the liquid phase on stage j is given by equation
(2.9).
L j−1 x i , j−1 − L j x i , j + f iL, j − S Lj x i , j +

r
π 2
D c l sj a j N iL, j + ε j ∑ υ i ,k rk , j = 0
4
k =1

(2.9)

For component i, the material balance in the vapor phase on stage j is given by equation
(2.10).
Vj+1 y i , j+1 − Vj y i , j + f iV, j − S Vj y i , j −

π 2
D c l sj a j N iV, j = 0
4

(2.10)

Overall phase material balances are obtained by adding the above equations over
i=1 to i=c, where c is the number of components. Summation equations are also
r

expressed for both control volumes. ε j ∑ υ i ,k rk , j is the rate of disappearance of
k =1

component i due to reaction k on stage j. εj is the reaction volume on stage j. If the
reaction is homogeneous, εj is the total hold-up on stage j. For catalytic reactions, there
are two approaches commonly taken. The catalytic chemical reaction can be assumed to
be a pseudo-homogeneous reaction where an overall reaction term considers both catalyst
diffusion and reaction. In this case, εj accounts for the total mass of the catalyst present in
stage j and the reaction rate is evaluated at bulk liquid conditions. The more rigorous
approach is to model the liquid-phase diffusion and reaction in the porous catalyst by
using the dusty fluid equations, which take into account the Knudsen diffusion coefficient
(Taylor and Krishna, 1993; 2000). This model is not discussed because its use is beyond
the scope of this study.
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V

L

N i , j = N * i , j = N * i , j is the interfacial mole transfer, which is the product of the
molar flux and the net interfacial area. The net amount of material leaving the liquid
phase is equal to the net amount of material entering the vapor phase. Thus, the
continuity equations at the interface are:
L

(2.11)

V

(2.12)

N i , j = N * i , j ≡ ∫ N iL, j da j i= 1,…..c-1
N i , j = N * i , j ≡ ∫ N iV, j da j i= 1,…..c-1

Ni,j is usually obtained from the Maxwell-Stefan equations for mass transfer in
multicomponent systems for the vapor and liquid phases. Another approach often used to
model the mass transfer is to use the generalized Fick’s law. In this work, the MaxwellStefan binary diffusivities for the liquid phase are used. Fickian diffusion coefficients can
be related to the Maxwell-Stefan diffusion coefficients (Taylor and Krishna, 1993).
The energy balance for the liquid phase is shown in equation (2.13) while the
energy balance for the vapor phase is given by equation (2.14).
c

L
L
L
*
L j−1 H Lj−1 − L j H Lj + ∑ f iL, j H LF
j − Sj H j − Q j + E j = 0
L

(2.13)

i =1
c

V
V
V
*
Vj+1 H Vj+1 − Vj H Vj + ∑ f iV, j H VF
j − Sj H j − Q j − E j = 0
V

(2.14)

i =1

An assumption that is usually made is that heat transfer between phases may be ignored.
If this assumption is made, then only the overall energy balance is considered and the
energy balances for each phase are discarded.
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Continuity equations at the interface represent the cancellation of the net energy
from the transfer between the two phases. These equations are represented by (2.15) and
(2.16).
V

E j = E * j ≡ ∫ E V da j

(2.15)

j

L

E j = E * j ≡ ∫ E Lj da j

(2.16)

where Ej is the interfacial energy transfer

and is comprised of the convective and

conductive energy contributions.
E j = h Vj a j

c
c
V
L
π 2
π
D c l sj TjV − TjI + ∑ N * i , j H iV, j = h Lj a j D c2 l sj TjI − TjL + ∑ N * i , j H iL, j
4
4
i =1
i =1

(

)

(

)

(2.17)

At the interface, the establishment of equilibrium for each component is expressed
by equation (2.18).
K iI, j x iI, j = y iI, j

(2.18)

K iI, j is the vapor liquid equilibrium ratio for component i on stage j. The vapor-liquid
equilibrium values are estimated from either an equation of state (EOS) or from an
activity coefficient model. Phase equilibrium for each component is assumed to exist
only at the interface. Summation equations for each phase are applied at the interface as
shown in equations (2.19) and (2.20).
c

∑x

I

i, j

=1

(2.19)

i, j

=1

(2.20)

i =1
c

∑y
i =1

I
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For each stage, the establishment of a liquid holdup on the stage is considered through
use of the hydraulic equation for stage pressure drop:

(∆P ) = P
j

j+1

− Pj

(2.21)

Where Pj = PjL = PjV and ∆Pj is the gas pressure drop from stage j+1 to stage j. This
means that no hydraulic gradient exists on a given stage.
Pressure drop is an optional consideration in the modeling. In early stages of
design, it is typically neglected. Common methods for the prediction of the pressure drop
through an irrigated packaged column are generalized correlations including those of
Sherwood (1938), Leva (1954), Eckert (1970), and Mersmann (1965). More rigorous
approaches for the prediction of pressure drop do exist and are especially important at the
flood point. These more rigorous approaches include pressure drop models based on
either the particle structure model or the channel structure model (Mackowiak, 1990;
Billet and Schultes, 1992, 1993).
2.2.3 Column Internals
The detailed design of a particular process includes packing selection. This
involves using models that include mass transfer and hydrodynamics effects for the
description of the mass transfer processes inside the column and the pressure drop. For
modeling the structure of packings, two models are available: 1) the particle model
structure; and 2) the channel model structure. These models assume a structure with the
same porosity (ε) and same specific area (a) of the real packing structure. (Stichlmair and
Fair, 1998).
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The particle model structure considers the solid phase as the dispersed phase. The
column internals are considered to be spheres. The particle diameter dp is the
characteristic dimension of the packing and is a function of the porosity and specific
surface area.
The channel model structure treats the packing as the continuous phase. Parallel
channels replace the packing. The deq is the characteristic dimension or equivalent
diameter of the open structure of the packing and is a function of the porosity and specific
surface area.
Homogeneous reactive distillation can be carried out in tray towers or in columns
with either structured or random packing. In contrast, when a solid catalyzes the reaction
(heterogeneous or catalytic reactive distillation), there are mainly two kinds of catalytic
internals: 1) catalyst particles immobilized in structures; and 2) catalytically active
structures (Noeres et al., 2003).
The catalyst particles to be immobilized are on the order of 1-3 mm to avoid intraparticle diffusion limitations; however, flooding may be a problem. To overcome this
limitation, the catalyst particles have to be enclosed in structures such as structured
sandwich packing, for example, Katapak-S commercialized by Sulzer (Moritz and Hasse,
1999) and Katamax from Koch-Glitsch (Frey et al., 1993). These structures are
corrugated layers of wire gauze that sandwich the catalytic particles. Further development
of these structures are Mulipack (Kolodziej et al., 2001) and Katapak-SP., which are
hybrid structures that combine the previous characteristics with conventional corrugated
wire gauze sheets. Particles can also be immobilized into envelopes of different shapes
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that are packed into the column: cylindrical shaped envelopes, wire gauze boxes, wire
mesh bales, cloth bales, and other kinds that can be found in Baur (2000).
The other alternative is to make catalytically active packing, such as active
Raschig rings (Sundmacher and Hoffmann, 1993, 1994).
Catalytically active packings can be:
i)

Solid catalyst structures, e.g. monolithic structures made by extrusion of
catalytic material and BP-rings, (BP) block polymerization in a mold.

ii)

Catalytically supported structures: where the carrier is coated with the catalyst
such as GPP-rings (GPP) glass supported precipitated polymer which is an
example of random packing, on the other side Katapak-M is an example of
structured packing. (Noeres et al., 2003).

2.3 Design
In reactive distillation, it is common practice to define a conceptual design based
on equilibrium stage models. This design gives the essential parameters for the sizing of
the column such as number of reactive and non-reactive stages, feed flows and reactive
zone locations. This provides the initial design for evaluation of alternatives. Designs
with more detail are based on the non-equilibrium model, which permits the selection of
column internals. Nitin (2001) classified the methods that can be used to identify the
conceptual design into three categories: 1) Geometric methods; 2) Algorithmic methods;
and 3) “Design by simulation” methods.
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2.3.1 Geometric Methods
Geometric methods include both fixed point methods and difference point
methods. The fixed point method was developed by Barbosa and Doherty (1988). This
method assumes constant vapor and liquid flows in the column. The material balances
for the stripping and rectifying sections are written in terms of transformed composition
variables, as defined by Barbosa (1987). The intersection of the trajectories gives the
desired products. The problem involves the numerical integration of the differential
equation set. Several extensions of this method have been presented in the literature.
Okasinski and Doherty (1998a) relaxed a portion of the assumptions in order to handle
kinetically controlled reactions in systems of three components. Mahajani extended these
methods for reactive packed columns (Taylor and Krishna, 2000).
Hauan and co-workers and Lee use the difference point method for the analysis
and design of reactive separation processes. The reaction difference point represents the
difference between an arbitrary composition and a singular point. When a reaction causes
no change in the total number of moles, the reaction difference point moves to infinity.
(Nitin, 2001).
2.3.2 Algorithmic Methods
Algorithmic methods include Non Linear Programming (MINLP) methods and
Simulated Annealing (MSIMPSA). The design of reactive distillation by optimization
methods (MINLP) was the subject of a study by Ciric and collaborators. They formulated
and solved a mixed integer nonlinear programming model by minimizing the annual cost
for the ethylene glycol synthesis (Taylor and Krishna, 2000). Jackson and Grossmann
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(2001) used a disjunctive programming approach for the optimal design of the metathesis
reaction of 2-pentene and the production of ethylene glycol. For MSIMPSA, only one
reference was found (Cardoso et al., 2000). They proposed the simulated annealingbased algorithm and then applied it to the synthesis of a non-equilibrium reactive
distillation column.
2.3.3 Simulation Methods
Simulation methods are used to identify designs for reactive distillation and to
optimize design variables. In the majority of applications, this method is combined with
heuristic rules and the guidance of systematic methods like the ones described above.
Without inclusion of heuristics or systematic methods, it would be very impractical as a
design methodology. Venkataraman et al. (1990) presented an algorithm for reactive
distillation that is developed on the basis of the inside-out approach. This inside-out
approach is commonly used in the solution of multi-phase, multi-component equilibrium
calculations. Algorithms of this type are incorporated in all of the following commercial
simulation packages: Aspen Plus, Hysys, Pro/II, Chemcad.
Subawalla and Fair (1999) addressed the most important advantage of simulators
over the systematic methods. Systematic methods cannot be used for detailed design due
to some of their limiting assumptions such as vapor liquid equilibrium on each stage.
The authors present guidelines for the design of reactive distillation columns. However,
they claim that the particular characteristics of each system make some of the guidelines
difficult to apply to all systems (i.e. this makes the procedure not applicable to every
reactive distillation system). Their paper presents a step by step procedure for a detailed
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design of a reactive distillation system for the production of TAME (tert-amyl methyl
ether). This procedure is used to generate the conceptual design and then optimize to the
actual design.

2.4 Computational Algorithms for Reactive Distillation
Computational methods to solve the simultaneous chemical reaction and vapor
liquid equilibrium equations are an extension to the algorithms for solving conventional
distillation methods. The background of the methods is available elsewhere (Kister, 1992;
Seader, 1985).
Based on pure distillation methods, a similar classification for computational
methods with reaction and distillation was done by Venkataraman (1990).
i) Equation tearing or decoupling methods;
ii) Relaxation methods;
iii) Newton-based methods;
Additional methods are:
iv) Inside-out methods;
v) Homotopy-continuation methods;
vi) Non-equilibrium models;
Inside-out, homotopy-continuation and relaxation methods are extensions of the
equation tearing and Newton-based methods. The usefulness of these methods is limited
by the simplification, assumptions made and the number of and types of reactive
distillation systems they have been used to simulate.
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Attempts to solve the reactive distillation problem more accurately and more
efficiently have led to a variety of methods that combine the advantages of different
methods. Alejski (1991) solved the reactive distillation model equations by using a
relaxation method combined with Newton’s method.
The most successful methods are those that have been proven for a wide variety
of reactive separation processes. Examples of these methods are those used in
commercial simulators such as RADFRAC (Aspen). Venkataraman, Chan, and Boston
(1990) describe an algorithm based on an extension of the inside out approach that uses
the advantages of the Newton’s method.
2.4.1 Equation Tearing or Decoupling Methods
These methods involve the partitioning of the MESH equations, allowing them to
be solved separately in a series of steps. Tearing methods include the bubble-point
methods (BP), sum-rates methods (SR) and 2N Newton methods. These algorithms are
fast and efficient. However, their main constraint is poor convergence for highly nonideal systems. For bubble point methods, temperatures are found by solving the bubble
point equation, which combines the equilibrium equation and the summation constraint
equations. Suzuki et al. (1971) extended the original bubble point method to reactive
distillation. Another bubble point method for reactive distillation is the multi θ-η method,
which is an extension of the θ- method originally developed by Holland.
The SR method and 2N Newton methods are more suitable for strippers and
absorbers, so they are not discussed here (Kister, 1992).
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2.4.2 Relaxation Methods
Relaxation methods are related to dynamic models, since the model equations are
expressed in unsteady-state form. The steady state solution is found through numerical
integration (Taylor and Krishna, 2000). These methods are reliable but usually slow as
the solution is approached. This is the primary reason they are not often used (Kister,
1992).
2.4.3. Homotopy-Continuation Methods
These methods expand the ability of Newton’s method to solve difficult non-ideal
problems (Chang and Seader, 1988). This method has been applied to esterification of
acetic acid and ethanol.
2.4.4. Non-equilibrium Models or Rate-based Method
Krishnamurthy and Taylor (1985) developed a non-equilibrium model that solves
the equation set describing a complete column with the numerical method of blockbanded matrices used in Newton’s method.
2.4.5. Newton-based Methods
These methods are also known as Simultaneous Correction methods and solve the
MESH equations and variables simultaneously. For non-ideal problems with complex
physical property models, Newton’s algorithm is not convenient since it requires
derivatives of the physical properties with respect to compositions. Newton methods not
entirely based on Newton’s algorithm can circumvent this in reactive distillation
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problems. Holland (1981) among several other authors has successfully extended
Newton’s method to reactive distillation.
2.4.6. Inside Out Methods
The inside-out method is a very robust algorithm that can solve a wide variety of
problems. These methods generate parameters for each stage, which are used for simple
K-value and enthalpy models.
In this work, the simultaneous correction distillation (SCDS) module is used,
which provides a platform for the addition of chemical reaction specifications. The
reactions may be defined as kinetic and/or equilibrium and may occur in the liquid and/or
vapor phase, simultaneously.
The SCDS model uses a Newton-Raphson convergence method and is mainly
designed to simulate non-ideal K-value chemical systems. It calculates the derivatives of
each equation rigorously, including the DK/DX (derivative of K-value with respect to
composition) term.

2.5. Simulation
This activity concerns the building of "technological" process models. Once a
feasible process model is obtained, it is then used for further development and
optimization. Due to the complexity of reactive distillation, the simulation approach is
most widely used.
Reactive distillation models and a robust method for the convergence of the
MESH or MERQ equations are needed to calculate the column performance (i.e., column

39
profiles). Design variables such as feed composition, temperature, reflux ratio, flow rate
of distillate or flow rate of bottoms, number of stages in the reactive and separation zone,
reaction zone location, column diameter and column height must all be specified. Design
is different from simulation because design variables are outputs from the calculations, so
design complements simulation by giving good specifications in order to reduce the time
for convergence. Simulation has several advantages. These include:
1)

It allows the investigation of new processes before laboratory experiments
are conducted.

2)

It is often cheaper and less time consuming when probing a supposition or
studying several cases before performing the experiments.

3)

Simulation can aid in interpretation of experimental data.

4)

Simulation provides an ideal environment where the conditions considered
can be precisely controlled;

Simulation also has several disadvantages:
1)

Trial and error is used to obtain an optimal column design. Sometimes this
path will never yield a feasible design.

2)

Convergence depends on initial estimates. If the estimates are not
accurate, a set of specifications will probably not lead to a feasible column
configuration.

3)

The time required to perform the calculations may be significant; many
iterations of trial and error are necessary, especially when the system does
not converge.

4)
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Uncertainties are present when data needed for simulation are not
available.

2.6 Summary
To summarize Chapter 2, a schematic representation of reactive distillation
technology is summarized in the following diagram that was adapted from Noeres et al.
(2003) and Tuchlenski et al. (2001).
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Figure 2.4. Reactive Distillation Technology and Assessment.
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2.7 Notation
Latin letters
a- interfacial area, m2/m3
B- bottoms flow, mol/s
c- total number of components
D- distillate flow, mol/s
Dc- diameter of the column, m
E*- energy transfer rate, J/s
(EMV)I- overall Murphy tray efficiency
f iv, j -vapor feed of component i to stage j, mol/s
f il, j - liquid feed of component i to stage j, mol/s
Fv- vapor feed stream, mol/s
Fv- liquid feed stream, mol/s
h- heat transfer coefficient, W/m2K
H- molar enthalpy, J/mol
K- vapor liquid equilibrium constant
L- liquid flow rate, mol/s
lsj-height of section j, m
M- molar hold-up, mol
Ni- molar flux of species i, mol/ m2s
Pj - stage pressure, Pa
∆Pj - gas pressure drop, Pa
Q- heat duty, J/s
r- total number of reactions
r k,j- reaction k in stage j, mol/m3s
S vj -vapor side-stream flow from stage j, mol/s
S lj - liquid side-stream flow from stage j, mol/s
t- time, s
T- temperature, K
V- vapor flow rate, mol/s
x- mol fraction in the liquid phase
y- mol fraction in the vapor phase
z- mol fraction in either vapor or liquid phase

Greek letters

υ - stoichiometric coefficient
ε - reaction volume, m3
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Subscripts
i- component index
j- stage index
k- reaction index
Superscripts
F- referring to feed stream
L- referring to liquid-phase
V- referring to vapor-phase
I- referring to the interface
List of abbreviations
HETP height equivalent to a theoretical plate

CHAPTER III
THERMODYNAMICS, KINETICS
AND PHYSICAL PROPERTIES
3.1 Thermodynamics
Most metathesis reactions are entropically driven. This is primarily because the
enthalpy of reaction is relatively small, and thus, the free energy of the reaction is mainly
dependent on the entropy (Dragutan et al., 1985).
When ∆G f > 0 and ∆H f > 0, the equilibrium constant, Keq, is less than 1 and the
reaction is endothermic (Doherty and Malone, 2001). For metathesis of 1-octene, the
reaction is slightly endothermic. Thermodynamic data are presented in Table B.2. Values
of the equilibrium constants for the range of operating temperature are on the order of
0.09. A small equilibrium constant is associated with low conversion per reactor cycle,
so there is a need to separate the product from the reactants. For this system, reactive
distillation is a good candidate because the volatility of the reactant is sandwiched
between the volatilities of the products. In this case, the separation is easier and the
unfavorable chemical equilibrium limitation of the system is overcome (Okasinski,
1998b).
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For endothermic reactions, the effect of temperature on the equilibrium
conversion results in higher equilibrium conversions at higher temperatures. In the same
way, an increase in temperature favors the driving force, because this decreases the nonequilibrium conversion, thus eventually causes an increase in the reaction rate. Thus, an
endothermic reaction should be carried out at the highest possible temperature in order to
increase its reaction rate. However, constraints such as catalyst deactivation impact the
selection of the temperature range.
For the metathesis of 1-octene, reactive distillation is not advantageous when one
considers only the energetic factors. However, the relative volatilities of the products
result in the removal of the products ethylene and 7-tetradecene from the reacting phase
as they are formed and this provides a means for overcoming the equilibrium conversion.
Residue curve maps generated by CHEMCAD 5.2 using the Peng-Robinson
equation of state, indicate that there are no physical azeotropes present in the system for
pressures of 1 to 9 bars for the range of temperatures corresponding to the boiling point
of the most volatile component (ethylene) to the least volatile component (7-tetradecene).
Moreover, the boiling points of ethylene and of 7-tetradecene are the highest and the
lowest, respectively. The boiling point of the reactant (1-octene) is intermediate to the
boiling points of the products. In the reaction zone, the relative volatilities will remain
very nearly constant. A system with these properties will not form reactive azeotropes
(Barbosa, 1987).
The system under study was assumed to behave as a regular solution; nonidealities stem from differences in the size and shape of the molecules. These are physical
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interactions of moderate strength. The chemical nature of the compounds is similar since
they all belong to the olefin group. This system exhibits mild non-ideal behavior. With
this type of behavior, equations of state (EOS) generally will provide better modeling of
the system.
Vapor liquid phase equilibrium was predicted using the Peng-Robinson (PR)
equation of state, which was chosen because it was recommended as an effective model
for predicting K values for hydrocarbon systems at medium to high pressures (Reid et al.
1987; Dekker et al., 1993; and Chemstations, 2003).
For vapor-liquid equilibrium, the equality of the fugacities in both phases is given
by (Walas, 1984):
f iv (T, P, y ) = f il (T, P, x )

(3.1)

The equilibrium ratio, K, is related to the vapor phase mole fraction, the liquid phase
mole fraction, and the fugacity coefficient for each phase.
Ki =

y i Φ il
=
x i Φ iv

(3.2)

The fugacity coefficient for each phase is obtained from equation (3.3) for the liquid
phase and from equation (3.4) for the vapor phase.
∞  ∂P
RT ln Φ il = ∫ l 
v
 ∂n i
∞  ∂P
RT ln Φ iv = ∫ v 
v
 ∂n i


RT 

−
dV − RT ln Z l
 T ,V ,nj V 

(3.3)


RT 

−
dV − RT ln Z v
 T ,Vn , j V 

(3.4)
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where the compressibilities of the liquid and vapor phases are defined by equation (3.5):
Zl =

PV l
RT

Zv =

PV v
RT

(3.5)

Vv and Vl are the molar volumes of the vapor and liquid phases, respectively.
f iv
f il
l
Φ =
, Φi =
yi P
xiP
v
i

(3.6)

Solving for ln Φ iv and ln Φ il from the Peng-Robinson EOS, the fugacity coefficients for
each phase are obtained.

(
(

)
)

ln Φ il =

2 x A
Bi
B   Z + B 1+ 2 

(Z l − 1) − ln(Z l − B) − A  ∑ j ij − i  ln l

B
A
B
2 2B 
  Zl + B 1− 2 

ln Φ iv =

2 y A
Bi
B   Z + B 1 + 2 
(Z v − 1) − ln(Z v − B) − A  ∑ j ij − i  ln v
B
A
B   Z v + B 1 − 2 
2 2B 

(
(

)
)

(3.7)

(3.8)

where the coefficients A and B are defined for the Peng Robinson EOS by:
A=

aP
(RT ) 2

B=

bP
RT

(3.9)

A summary of the (PR) EOS and its parameters is provided in Appendix B, including the
binary interaction parameters, kij, (Table B.1). These interaction parameters are of special
concern, since they contribute to the sensitivity of the mixing rules and introduce a better
agreement in equation of state calculations for mixtures. No binary interaction parameters
were reported in the literature for the system under study, so estimates were taken from
Sandler (1989) for mixtures of similar compounds.
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For the enthalpy method, vapor and liquid phase enthalpies were obtained using
residual or departure functions from the Peng-Robinson EOS. The residual property is the
difference in values of the property between real state and the ideal gas at the same
pressure and temperature (Sandler, 1989). These expressions are also provided in
Appendix B.

3.2 Kinetics
3.2.1 Metathesis
Metathesis, or homometathesis, is a reaction between two molecules of the same
olefin. Via fragmentation and reformation of carbon double bonds, olefinic compounds of
lower and higher molecular weight are formed. This reaction belongs to the general class
of disproportionation reactions. On the other hand, cross-metathesis is a reaction of
olefins of different kinds to form other olefins. It is important in this work because this
reaction competes with the self-metathesis reaction and affects the selectivity (Dragutan,
1985; Mol, 1999, 2001).
The general reaction is represented by:
2 RCH=CHR’ ↔ RCH=CHR + R’CH=CHR’
3.2.2 Reaction Kinetics
1-octene metathesis typically presents low conversions due to unfavorable
reaction equilibrium. 7-tetradecene (trans and cis) is formed by the reversible, catalyzed,
slightly endothermic reaction of 1-octene.
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2 (C8H16) ↔ C14H28 + C2H4
The reaction kinetics have been studied by Spronk et al. (1992) and expressed in terms of
conversion. At reaction conditions, the selectivity was always better than 95 % and
conversions were corrected for the selectivity. Spronk and coworkers have also calculated
the reaction equilibrium constant.
The kinetics were determined in the liquid phase at 9 bars over a Re2O7/Al2O3
catalyst.

This type of catalyst is commercially available for industrial applications

because of its high activity and selectivity (Jung et al., 1997). The experimental data
obtained were represented with a model in which either interconversion of the
alkene/alkyldene complex or product desorption are rate determining steps (Spronk and
Mol, 1991). The model is based on the metal-carbene mechanism; the most important
step is the generation of the unstable metallacyclobutane intermediate by the reaction
between the olefin and the carbene (metal alkylidene complex). This intermediate opens
to produce a metal carbene, which generates new olefins (Mol, 2001).
A microcatalytic fixed bed reactor was used to obtain the kinetic data, which were
then fitted to the rate expression, expressed in terms of conversion, X:
rm =

NkK 0 ∗ [O]0 * ( 1 − 2 ∗ X + (1 − 1 / 4 / K eq )X 2

1 + K 0 ∗ [O]0 + (

(

)

K 2 ∗[O]0 − K 1 ) ∗ X + K 3 ∗ [O]0 ∗ X 2

where:

[O]0 =Initial concentration of 1-octene
k = reaction rate constant

)

(3.9)
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Keq = equilibrium constant
Ks = compound functions of rate or equilibrium constants
of the elementary processes.
N= number of active sites per weight of catalyst
Spronk et al. (1992) fitted the experimental data and showed that the terms in parenthesis
in the denominator were negligible. Thus, the kinetic data were represented by the
simplified equation rate equation, given as equation (3.10).

 1
 
rm = K exp 1 − 2X + 1 − / K eq X 2 
 4
 


(3.10)

where:
Keq = equilibrium constant
Kexp=overall reaction rate constant per weight of catalyst (mol/Kg/s).
K exp =

NkK ∗ [O]0

1 + K 0 ∗ [O] 0

Kexp= 147*exp (-22500/RT J/mol)

(3.11)

(3.12)

R=8.314 J/mol-K
Incorporating the reaction rate into the differential equation for a packed bed reactor and
solving with POLYMATH, this rate law, with the explicit equations involved, gave the
results cited in the literature.
For CHEMCAD simulation purposes, the reaction rate expression must be
converted to moles per volume per time and expressed as a function of concentrations. In
order to do this conversion, the bulk density of the catalyst is needed. The bulk density
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data were obtained from the catalyst suppliers, Raad (2002). The bulk density was
calculated using the volumetric approach. The method used is outlined in Appendix C.
Expressing reactant and products in terms of 1-octene conversion and initial
concentration yields the following expressions for ethylene, 7-tetradecene and 1-octene:

[E] = [T] = 1 ∗ [O]0 ∗ X
2
[O] = [O]0 ∗ (1 − X )
The 1-octene feed can be diluted with hexene as a solvent. However, undiluted feed
results in higher conversion. This option is considered and the 1-octene concentration
used was 6.384 mol/L.
By substituting these expressions into the rate law, equation (3.13) is obtained:
rm =


K exp  2
1
[
]
[
][
]
∗
O
−
E
T


K eq
[O]02 


(3.13)

where:
rm = rate of reaction per weight of catalyst [mol/(kg-sec)]
r = ρb*rm = rate of reaction per volume of bed [mol/ (L*sec)]
ρb = bulk density, g/ml
The void volume and pore volume data (Appendix C) were also used in the calculation of
the reaction rate per unit volume. The equilibrium constant, expressed in terms of
conversion, is given in equation (3.14):
1
X 

Keq =  ∗
 2 (1 − X ) 

2

(3.14)
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The equilibrium conversion at 9 atmospheres as a function of temperature was calculated
and used by Spronk et al. (1992). He obtained the following expression for the
equilibrium constant as a function of temperature.
Keq =1.227525*exp (-7400/RT J/mol)

(3.15)

R = 8.314 J/mol-K
Kinetic parameters are expressed as a function of temperature using the activation
energies and pre-exponential factors shown in Table 3.1.

Table 3.1. Kinetic Parameters (Spronk et al., 1992).
rm =

1
( k 1 [O]2 − k 2 [E][T ]
[O] o

)

ko,i (mol/kg s)

Ea,i (J/mol)

R (J/mol-K)

k1=k0,1*exp (Ea1/RT)

147

22500

8.314

k2=k0,2*exp (Ea2/RT)

119

15100

8.314

3.3 Physical Properties
Physical properties are fundamental data required to predict the behavior of the
systems in applications such as process simulation, design, and optimization.
Unfortunately, most of the physical properties for one of the compounds of interest in this
work, 7-tetradecene, have not been measured experimentally or reported in the literature.
In such a case, the engineer must either measure these critical data in a laboratory or use
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predictive tools to obtain accurate estimates of the properties. A minimum amount of
required data is needed for CHEMCAD. The properties which must be input in the
thermodynamic database before simulation can be performed include the following:
critical temperature, critical pressure, critical volume, ideal gas heat capacity, acentric
factor, boiling point, heat of formation and free energy of formation.
Since 7-tetradecene’s properties are not available, estimation is required. The
approach taken to estimate these properties was to evaluate the properties of a similar
compound to use as a reference: 1-tetradecene was chosen. This species is an isomer of 7tetradecene, differing only in that the double bond is located between the first and second
carbons in the chain. Some properties of 1-tetradecene were experimentally measured
and have been reported in the literature. This allowed the accuracy of the estimation
techniques used to be assessed through comparison of the predictions for 1-tetradecene
with available data. This approach for estimation was recommended by Carlson (1996).
The most accurate method for each particular property of 1-tetradecene will then be used
to estimate the same property for 7-tetradecene.
3.3.1 Estimation of Critical Properties for 7-tetradecene
The techniques used to estimate the critical properties are of the group
contribution type. Corresponding states methods were not used. Reid et al. (1987) and
Poling et al. (2001) were taken as the reference source for the group contribution methods
used to estimate the parameters. Cranium, a computer software package developed by
Joback (1998), was used to verify the results. This program evaluates several properties
based on group contribution methods. The current version of Cranium does not support
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stereo chemical bonds. Details of and equations used for each method are summarized in
Appendix A.
3.3.1.1 Ambrose Method
This method does not consider isomers; 1-tetradecene will give the same critical
pressure, Pc, and critical volume, Vc, as 7-tetradecene. The only difference between the
property estimates for the isomers will be in the estimated Tc. This is due to the inclusion
of the normal boiling point, Tb, in the estimation of Tc. An experimental value for the
normal boiling point of 1-tetradecene is available and thus, the predicted Tc will be a
better estimate. Aldrich Chemical Company, Inc., reports a normal boiling point for 1tetradecene of 524.2 K (1990). The results of the estimation for 1-tetradecene using this
method are:
Tc = 692 K
Pc= 16.6 bar
Vc= 791.4 cm3/mol
3.3.1.2 Joback Method
For the case of 1-tetradecene and 7-tetradecene, this method takes into
consideration the position of the double bond. It is also easier to use than the Ambrose
method. The results of the estimation for 1-tetradecene using this method are:
Tc =688.86 K
Pc= 15.75 bar
Vc= 800.5 cm3/mol
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3.3.1.3 Fedors Method
This method does not use the normal boiling point. It is only valid for estimation
of the critical temperature. This method considers the position of the double bond in the
molecule, but is less accurate than the Ambrose and Joback methods. (Reid et al., 1987).
The result of the estimation for 1-tetradecene using this method is:
Tc =690.4 K
3.3.1.4 Constantinou and Gani Method (C&G)
This method was developed in 1994 and is based on UNIFAC groups. It does,
however, have the advantage of distinguishing special configurations such as isomers. It
includes contributions of the 1st and 2nd order levels. It is not recommended for very small
substances (lower than 3 carbon atoms) and very large substances especially fluorinated
and larger ring compounds. Errors are typically between 1 to 2 %, but for the olefins,
errors are higher than 5 %. The critical temperature estimation does not use the normal
boiling point, Tb.
For the calculation of 1-tetradecene, the 2nd order group contribution is not
available. However, it is worthy to use this method because of its high accuracy. The
results of the estimation for 1-tetradecene using this method are:
Tc =688.86 K
Pc= 15.75 bar
Vc= 800.5 cm3/mol
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3.3.1.5 Wilson and Jasperson Method (W&J)
They developed three methods to estimate the critical temperature and critical
pressure; this method applies to both organic and inorganic substances.

Zero order method

factor analysis

First order method

first order atomic contributions

Second order method

second order group contributions

The properties are estimated using the equations for the 2nd order method of
Wilson and Jasperson. This method is accurate for large compounds. The 2nd order group
contribution does not consider double bond group contributions. The method, however,
uses the normal boiling point to calculate the critical temperature. This will make a
difference in the prediction for isomers such as 1-tetradecene and 7-tetradecene. The
estimated critical temperature is then used in the estimation of the critical pressure. The
results of the estimation for 1-tetradecene using this method are:
Tc =693.96 K
Pc= 16.65 bar
Improvements to differentiate 1-tetradecene from 7-tetradecene are not possible, since the
2nd order group contribution is not available. Thus, the only difference is due to Tb, and
Tc. The accuracy of Pc depends on the estimated value of Tc.

57
3.3.1.6 Marrero and Pardillo Method (M&P)
This is a bond contribution method. When Tb is an experimental value, this
method is more accurate for estimation of the critical temperature compared to Wilson
and Jasperson. The results of the estimation for 1-tetradecene using this method are:
Tc =691.3 K
Pc= 15.78 bar
Vc= 807.8 cm3/mol
Table 3.2. Summary of the Critical Properties for 1-tetradecene.
Method
Ambrose
Joback
Fedors
Marrero and Pardillo
Wilson and Jasperson
Constantinou and Gani
Data (*)

Tc (K)
692
688.8
690.4
691.3
693.9
689.9
692

Pc (bar)
16.6
15.75

Vc (cm3/mol)
791.4
800.5

15.78
16.65
15.97
16.6

807.8
800.9
817

(*)The data were obtained from CHEMCAD, which uses the DIPPR database.
3.3.1.7 Conclusion
For the estimation of critical pressure, the method of Wilson and Jasperson will be
used. This method uses the normal boiling point for the estimation of the critical
temperature. The estimated critical temperature is then used in the estimation of the
critical pressure. Even though this method does not differentiate between the isomers, 1tetradecene and 7-tetradecene, it is a very accurate method that applies to compounds of
different sizes. The Ambrose method is not used because it is a method recommended for
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non-hydrocarbons. The method of Marrero and Pardillo will be used to estimate the
critical temperature rather than the method of Ambrose. The method of Marrero and
Pardillo is also the most accurate for the estimation of critical volume. The chosen
methods were used to estimate the critical properties of 7-tetradecene. The normal boiling
point for 7-tetradecene, Tb of 523.2 K, was given by the Sigma Aldrich Chemical
Company, Inc. (1990).
The estimated critical properties for 7-tetradecene are summarized along with the method
used for calculation.
Tc=693.6 K (M&P)
Vc=804.3 cc/mol (M&P)
Pc= 16.65 bar (W&J)
In order to confirm that these values are of the right order of magnitude, the other
estimation techniques were also used to generate estimates of the critical properties of 7tetradecene. These are summarized in Table 3.3.

Table 3.3. Critical Properties for 7-tetradecene.

Tc (K)
Pc (bar)
Vc (cm3/mol)

Ambrose
690.68
16.6
791.4

Joback
688.9
15.87
799.5

Fedors
693.5

W&J
692.6
16.65

M&P
693.6
16.02
804.3

From the analysis of the methods employed and the data obtained, it was
concluded that the critical properties for 7-tetradecene are similar to the critical properties
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for 1-tetradecene. Some methods yield an estimate for the critical temperature of 7tetradecene greater than the estimate for the critical temperature of 1-tetradecene. There
are two primary reasons for these results.
1.) The normal boiling point of 7-tetradecene of 523.2 K is an experimental value
taken from Sigma-Aldrich for trans 7-tetradecene and is lower than the normal
boiling point of 1-tetradecene, which is 524.2 K. When the normal boiling
point is used to calculate the critical temperature in a method that does not
consider isomers (i.e., Ambrose or W & J), the estimated critical temperature
for 7-tetradecene will be lower than that for 1-tetradecene.
2.) When using methods such as bond or group contribution methods, isomers
are considered.

Thus, the structure of 1-tetradecene is different from 7-

tetradecene. This, in turn, gives a higher critical temperature estimate and a
higher critical pressure estimate for 7-tetradecene. (Joback, Fedors, M&P).
This is in agreement with values of the critical temperature and pressure for
the isomers: 3–hexene and 1-hexene. 3-hexene has higher critical temperature
and critical pressure compared to 1-hexene.
3.3.2 Acentric Factor (ω)
To obtain the acentric factor by definition, values of the critical temperature and
pressure are needed as well as an accurate value of the vapor pressure at a reduced
temperature of 0.7. The information used to obtain the acentric factor is extremely
important because the evaluation of ω is quite sensitive to errors (Poling et al., 2001).
Four methods are compared for the estimation of the acentric factor. Values are estimated
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for 1-tetradecene and compared with the value obtained from CHEMICAD that uses
DIPPR database. For these methods the following values were needed for the
estimations: Tb = 524.2 K; Tc = 692 K; Pc = 16.6 bar; Tr = 0.7575, and 1-Tr = 0.24248.
The four methods used are:
i) Equation A
Poling recommends the Pitzer expansion, with the analytical expressions for f(0),
f(1) and f(2), as suggested by Ambrose and Walton (complete details of this method are
provided in Appendix A). The functions, f(0), f(1), and f(2), were fitted to the vapor
pressure of n-alkanes and are more accurate than the Lee Kesler set of equations. For 1tetradecene, the acentric factor is evaluated from (3.16) which was derived from equation
A.
ω= -((ln(Pc/1.01325)+f(0) (Tr))/f(1) (Tr)

(3.16)

ii) Equation B
ω=3/7*Tbr/(1-Tbr)*log Pc-1

(3.17)

iii) Lee-Kessler
iv) Constantinou and Gani (CG)

Table 3.4 Acentric Factor for 1-tetradecene.
Acentric
Factor

Equation A

Equation B

Lee-Kesler

(C&G)

CHEMCAD

ω

0.64439

0.6262

0.652

0.629885

0.6449
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3.3.2.1 Conclusion
Equation A is chosen for the estimation of the acentric factor.
The critical properties used for the estimation of the acentric factor for 7-tetradecene are:
Tc = 693.60446 K (M&P)
Vc = 804.3cc/mol (M&P)
Pc = 16.646 bar (W&J)
ω for 7-tetradecene is estimated as 0.62.

3.3.3 Enthalpy, Gibbs Free Energy of Formation and Ideal Heat Capacity
for 7-tetradecene
The estimates obtained with the Joback group contribution method were used in
this work.
∆H 0 f ( 298K ) = −215.09

∆G 0 f ( 298K ) = 147.22

kJ
mol

kJ
mol

c 0 p = −24.02 + 1.35384T − 8.216 * 10 − 4 T 2 + 2.028 * 10 −7 * T 3

J
molK

(3.18)

Even though the method of Thinh is recommended for hydrocarbons, it did not yield
estimates for ∆G f

0

and ∆H f

0

and c 0 p for 1-tetradecene that were in agreement with

tabulated values. The method of Constantinou and Gani resulted in the same estimates for
the free energy of formation and the ideal gas heat capacity for 1-tetradecene and 7tetradecene.
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3.3.4 Vapor Pressure
For vapor pressure, several methods were compared to experimental data for 1tetradecene, which was taken from Boublik (1984). Vapor pressures should be calculated
at the Tr of the substance whose vapor pressure is to be predicted. Four methods were
used to estimate the vapor pressure of 1-tetradecene.
3.3.4.1 Lee & Kessler with Pitzer Expansion
This method uses the Pitzer expansion ln Pvpr = f ( o ) (Tr ) + ωf (1) (Tr ) , with the Lee
and Kesler functions, f(0) and f(1). Because of its three parameters, it achieves higher
accuracy than the two parameter form. For this equation, estimation of the acentric factor
using Lee and Kesler method is recommended (Appendix A)
Predictions between Tb and Tc are generally accurate to within 1 to 2 percent
(Reid et al., 1987). Table 3.5 and Figure 3.1 represent experimental and estimated vapor
pressure for 1-tetradecene.

Table 3.5. Vapor Pressure for 1-tetradecene (Lee & Kessler).
Pvp
Pexp
(PexpDifference
Lee&Kesler(mmHg) (mmHg)
Pcal)/Pexp*100
431.614
51.115
51.91
0.795
1.532
436.666
61.599
62.44
0.841
1.347
462.019
145.325
145.81
0.485
0.333
474.792
214.279
214.15 -0.129
-0.060
497.972
406.365
403.31 -3.055
-0.757
516.146
637.758
630.35 -7.408
-1.175
522.839
745.397
735.82 -9.577
-1.301
524.134
767.785
758.09 -9.695
-1.279
524.900
781.274
771.36 -9.914
-1.285
T(K)
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Figure 3.1. Comparison of Estimated Vapor Pressure from Lee & Kessler Correlation
and Experimental Data from Boublik (1984) for 1-tetradecene.
3.3.4.2 Gomez &Thodos Equation
This equation require the parameters β, γ, and m (Appendix A), which are
established through knowledge of the normal boiling point, critical temperature, and
critical pressure of the substance. It can be applied to non-polar, polar and hydrogenbonded compounds. For each type of compound, the expressions that define β, γ, and m
are different. For non-polar substances, estimated vapor pressures were compared with
corresponding values reported in the literature for vapor pressures between the triple
point and the critical point. The deviation was of 0.97% for 113 organic and inorganic
substances. This equation is also satisfied at the critical point (Reid et al., 1987). Table
3.6 and Figure 3.2 represent experimental and estimated vapor pressure for 1-tetradecene.
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Table 3.6. Vapor Pressure for 1-tetradecene - Gomez & Thodos Predictions.
T (K)
431.614
436.666
462.019
474.792
497.972
516.146
522.839
524.134
524.9

PvpGomez and
Pexp
(Pexp-Pcal)/Pexp*100
(mmHg)
(mmHg)
Difference
Thodos
2.179
50.778
51.91
1.131
1.936
61.231
62.44
1.209
0.921
144.467
145.81
1.343
0.643
212.772
214.15 1.3775
0.229
402.387
403.31
0.923
0.031
630.156
630.35
0.194
-0.024
735.998
735.82 -0.179
0.0108
758.008
758.09
0.082
0.0118
771.269
771.36
0.091

Pvp(mmHg)

800
700

Pgomez
Gomez

600

Pexp

and Thodos

P exp

500
400
300
200
100
0
400

420

440

460

480

500

520

540

T(K)

Fig. 3.2. Comparison of Gomez & Thodos Method for Estimation of Vapor Pressure
and Experimental Data.
3.3.4.3 Ambrose & Walton
It uses the following Pitzer expansion, ln Pvpr = f ( o ) (Tr ) + ωf (1) (Tr ) + ω2 f ( 2 ) (Tr )
with the Ambrose and Walton analytical expressions for f(o), f(1), and f(2), (Appendix A).
This equation is more accurate than Lee and Kesler. It includes in the Pitzer expansion
f(2), which is important at low reduced temperatures and for substances with large acentric
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factors (Poling et al., 2001). Table 3.7 and Figure 3.3 represent experimental and
estimated vapor pressure for 1-tetradecene.

Table 3.7. Vapor Pressure for 1-tetradecene as Predicted by
Ambrose/Walton Correlation.
Pvp Ambrose and
Walton (mmHg)
51.917
62.459
146.174
214.77
405.177
634.051
740.465
762.597
775.933

T (K)
431.614
436.666
462.019
474.792
497.972
516.146
522.839
524.134
524.9

Pexp
(mmHg) Diff
51.91
0.006
62.44
0.019
145.81 0.364
214.15
0.62
403.31 1.867
630.35 3.701
735.82 4.645
758.09 4.507
771.36 4.573

(Pexp-Pcal)/Pexp*100
-0.013
-0.030
-0.249
-0.289
-0.463
-0.587
-0.631
-0.594
-0.593

800
700

Ambrose and Walton

Pvp (mmHg)..

600

Pexp

500
400
300
200
100
0
400

420

440

460

480

500

520

540

T(K)

Fig 3.3. Comparison of Experimental Data for 1-tetradecene with Vapor Pressure
Estimated with Ambrose & Walton Method.
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3.3.4.4 Riedel Corresponding-States Method
For the estimation of the vapor pressure, this method uses critical temperature,
critical pressure and normal boiling temperature. The last term of the equation T6
(Appendix A) describes the inflection point at high pressure. This method performs well
at higher temperature. At lower reduced temperatures, Tr= 0.5, it is recommended for
polar compounds. (Poling et al., 2001). Table 3.8 presents experimental and estimated
vapor pressure for 1-tetradecene.

Table 3.8. Estimation of 1-tetradecene Vapor Pressure Using Riedel
Corresponding States Method
T (K)
431.614
436.666
462.019
474.792
497.972
516.146
522.839
524.134
524.9

Pvp
Riedel
51.016
61.409
144.226
212.33
401.941
630.411
736.744
758.865
772.195

Pexp
51.91
62.44
145.81
214.15
403.31
630.35
735.82
758.09
771.36

Diff (Pexp-Pcal)/Pexp*100
0.894
1.031
1.584
1.820
1.369
-0.061
-0.924
-0.775
-0.835

1.722
1.651
1.086
0.85
0.339
-0.01
-0.126
-0.102
-0.108

3.3.4.5 Conclusion
The predictive methods examined included the Lee-Kessler method, the GomezThodos method, the Ambrose and Walton method and the Riedel method.

These

methods were all satisfactory and included the advantage of being able to predict the
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vapor pressure over a wide range of temperature (Reid et al., 1987). Figure 3.4 provides
a comparison of the % error for the various methods.

2.5

Riedel
Ambrose-Walton
Gomez-Thodos
Lee-Kessler

(Pexp-Pcal)/Pexp*100

2
1.5
1
0.5
0
400
-0.5

420

440

460

480

500

520

540

-1
-1.5
T (K)

Fig 3.4. Comparison of Experimental Data for 1-tetradecene with
Vapor Pressure Estimated with Ambrose & Walton,
Riedel, Gomez & Thodos and Lee & Kessler Methods.

Of these methods, the least accurate is that of Lee and Kesler. The method of
Gomez and Thodos exhibits smaller errors at higher temperatures. The method of Riedel
works well but the method of Ambrose and Walton offers an improvement in accuracy
since it is a three-parameter model. The method of Ambrose and Walton was used to
estimate the vapor pressure of 7-tetradecene. This is compared in Figure 3.5 with the
vapor pressure of 1-tetradecene.
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Figure 3.5. Comparison of Ambrose and Walton Model for 1-tetradecene
and 7-tetradecene.
The vapor pressure curve spans the temperature range from the triple point to the
critical point of a material. The predictions at these extreme temperatures were compared
for 1-tetradecene and 7-tetradecene.

Table 3.9. 7-tetradecene and 1-tetradecene Vapor Pressure at
Limits of Temperature Range (260-692 K).
260.3 K

692 K

P1t(mmHg) 0.000251 12451.09
P7t(mmHg) 0.000357 12485.5

The estimated vapor pressures for 1-tetradecene and for 7-tetradecene are
approximately the same. Since experimental data for the compound 7-tetradecene are
lacking, the vapor pressure for 1-tetradecene from CHEMCAD (V 5.2) was used. The
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range of temperatures employed in the correlation is 260 K to 692 K. This same
assumption was made for the enthalpy of vaporization, since this property is often
derived from vapor pressure.

3.3.5 Liquid Heat Capacity
Ruzicka and Domalski developed a group contribution method that considers
what other atoms a particular atom is bonded to. The heat capacities are recommended
for the range of temperature from the melting point to the boiling point (Poling et al.,
2001).
In general, liquid heat capacities are not strongly dependent on temperature,
except at high reduced temperatures (Tr = 0.8) and usually a minimum shallow is reported
at temperatures below the normal boiling point (Reid et al., 1987). Calculation of Cpl with
this group contribution method shows only a slight deviation between the heat capacities
for 1-tetradecene and 7-tetradecene. Thus, in the simulations conducted for this thesis, the
liquid heat capacity data for 1-tetradecene contained in the CHEMCAD thermodynamic
database were used to approximate the liquid heat capacity for 7-tetradecene Table 3.10
and Figure 3.6 represents the estimated liquid heat capacity for 1-tetradecene and 7tetradecene using Ruzicka and Domalski method.
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Table 3.10. Comparison of Estimated Liquid Heat Capacity
for 7-tetradecene and 1-tetradecene.
T (K)
270
290
310
330
350
370
400
420
430
440
460
480
500
510
520
524
525

Cp, liquid for
1-tetradecene
(J/mol-K)
402.479
414.529
427.706
442.009
457.438
473.993
500.938
520.309
530.417
540.806
562.430
585.180
609.056
621.417
634.059
639.195
640.486

Cp, liquid for
7-tetradecene
(J/mol-K)
402.666
415.642
429.885
445.395
462.172
480.216
509.658
530.870
541.951
553.349
577.094
602.108
628.388
642.003
655.935
661.596
663.019

700
1-tetradecene

Cpl (J/mol-K)

600

7-tetradecene

500

400

300
200

300

400

500

600
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Figure 3.6. Liquid Heat Capacity for 1-tetradecene and 7-tetradecene Estimated
Using the Method of Ruzicka and Domalski.
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Since the required thermodynamic and physical property data for 7-tetradecene
are not available in the literature nor in CHEMCAD, these items were estimated using
available thermodynamic and physical property estimation techniques. These properties
are very important to the success of a simulation and thus, comparisons between the
estimated values and experimental values for 1-tetradecene were made wherever
possible. The properties for1-tetradecene are similar to the properties for 7-tetradecene.
For those properties that are not as crucial, the values for 1-tetradecene were taken from
the DIPPR database and these were assumed valid for 7-tetradecene. Furthermore,
simulations showed that specifying either 1-tetradecene or 7-tetradecene did not
significantly change the predictions, since these compounds are chemically similar.
3.3.6 Deviations from Experimental Data
Simulations were performed in an equilibrium reactor considering chemical
reaction equilibrium and physical equilibrium. Data obtained from simulations were
compared to experimental data obtained by Dekker et al., (1993). The authors also
calculated the equilibrium conversion assuming chemical and physical equilibrium. They
reported that estimated and measured values were made to coincide by changing enthalpy
and free energy of formation for 7-tetradecene. However, efforts to reproduce their work
failed. Minor or even major changes in enthalpy and free energy of formation did not
affect the estimated equilibrium conversion to the extent required to coincide with the
experimental data. Moreover, the changes in enthalpy of formation for 7-tetradecene
affected the overall enthalpy of formation for the metathesis reaction of 1-octene to
produce 7-tetradecene. These modifications changed the behavior of the reaction from
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endothermic to exothermic. Deviations were noted at temperatures higher than 300 K.
Figure 3.7 shows the experimental equilibrium conversions and the estimated by
simulation.
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Figure 3.7. Comparison of Experimental Data for Equilibrium Conversions
for 7-tetradecene with Equilibrium Conversions Estimated
Assuming Chemical and Physical Equilibrium.
Explanations for such deviations include the fact that the uncertainties associated
with a given property are larger at higher temperatures. Since the equilibrium constant,
Keq, is used in the model, the uncertainties in the equilibrium constant affect the
regression and interpretation of reaction rate data. Experimental data measurements are
also associated with errors. Another reason may be that the experimental data were
corrected by selectivity. Even though the conversion at the reaction conditions is low
because it is limited thermodynamically, the selectivity was higher than 95 %.

CHAPTER IV
RESULTS AND DISCUSSION
4.1. General
Reactive distillation is a complex process because interactions between reaction
and separation lead to complexities in the vapor liquid equilibrium, vapor liquid mass
transfer and chemical kinetics. This makes the design and operation more complicated
than for conventional distillation columns and reactors. Due to this and the fact that every
system has characteristics specific to the chemicals of interest, there is still no generally
accepted method for design. Furthermore, none of the current methods consider column
internals. Design and simulation considerations for particular systems, etherifications for
example, may be not applicable for other systems. (Taylor and Krishna, 2000; PerezCisneros et al., 1996).
This work considers the production of 7-tetradecene by reactive distillation. The
research is focused on identifying suitable process conditions and limitations for the
production of 7-tetradecene. Simulation is used with equilibrium-stage and rate-based
models to identify competitive processing strategies. Adjustment of the design variables
is performed to iteratively check the column performance.
In this chapter, the important modeling and simulation aspects for reactive
distillation of 1-octene to produce 7-tetradecene are presented and discussed in a
73
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systematic manner. A tiered approach is used in the modeling efforts. First, a conceptual
design is obtained using the equilibrium stage model. Column diameter and height are
then determined through consideration of mass transfer and through pressure drop
calculations. Final adjustment of the design parameters is accomplished using the nonequilibrium stage model.
This work is not focused on design. However, dealing with some design
specifications cannot be avoided because these specifications are needed in order to use
the reactive distillation equilibrium and rate-based models. Simulation was the approach
used for the determination of the design parameters. The input streams, operating
variables, and size of equipment were specified and the results of the simulations were
the resulting output.

4.2. Assumptions Regarding Column Configuration and Models
For reactive separation processes, modeling is required to describe and predict the
reaction and separation that occur simultaneously. In this work, three different reactive
distillation models were used: 1) Model A: physical and chemical equilibrium are
achieved at each stage; 2) Model B: the assumption of physical equilibrium is kept and
the kinetics at each stage are described by a second order reaction; and 3) Model C: in
which reaction kinetics are the same as in model B, but mass transfer is also taken into
account. Model C, also known as the non-equilibrium stage model, was much more
difficult to converge and implement since it required detailed specification of design
parameters such as column diameter, column height and column internals. For these
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design parameters, only heuristic rules are available and there are no established methods
for estimating these values.
A number of assumptions concerning column configuration were used with both
the equilibrium model and the nonequilibrium model employed in this work. The
distillation column is assumed to contain N stages/segments; the condenser is
stage/segment 1 and the reboiler is stage/segment N. A partial condenser is used. No
reaction takes place in the condenser or in the reboiler. The chemical reaction is assumed
to be a pseudo-homogeneous reaction that occurs in the liquid phase, with the reaction
rate a function of temperature, composition and pressure.
The equilibrium model in this study consists of the conventional MESH equations
(Chapter 2) with implicit assumptions that are detailed here. Physical equilibrium is
achieved on each stage. The liquid phase is well mixed. Pressure and temperature are
assumed constant at each stage and are uniform throughout the liquid and vapor phases
present. However, both pressure and temperature can vary from one stage to another
stage.
The non-equilibrium, or rate-based, model in this study follows the approach
described in Chapter 2 for the conventional equations with the addition of the pseudohomogeneous reaction. The reaction is evaluated using bulk liquid phase temperature,
pressure and composition. Reaction and diffusion inside the catalyst are not considered in
the model. Perfect mixing of each phase on each segment is assumed. Overall mass
transfer coefficients are evaluated using the Maxwell-Stefan diffusivities and auxiliary
correlations. These methods are outlined in Appendix D.
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4.3 Assumptions Regarding Physical and Chemical Properties
Kinetic data for the metathesis of 1-octene were taken from an experimental study
by Spronk et al.(1992). These data were determined for reaction in the liquid phase at a
system pressure of 9 bars for a Re2O7/Al2O3 catalyst. Details of the metathesis reaction
for 1-octene have been given in Chapter 3, along with a summary of the kinetic
parameters (Table 3.1).
Spronk et al. (1992) also reported success in maintaining high selectivity while
lowering deactivation of the catalyst. The Re2O7/Al2O3 catalyst they employed is one of
the most widely used for metathesis reactions. It can be used at either the laboratory or
commercial scale. In a patent assigned to Dow Chemical Company, Jung et al. (1987)
indicated that operation from 0°C to 150°C and 50 to approximately 300 psig could result
in slower deactivation, with the catalyst cycle lasting for several days or more.
Since catalyst deactivation is inevitable, the selection of the catalyst and reaction
operating conditions are important in order to reduce the deactivation. In this study, the
activity of the catalyst was assumed to remain constant, and deactivation did not occur.
This assumption is reasonable for this study. As a consequence of non-deactivation the
geometry and size of the catalyst should have no effect on the kinetics and the scale up
other than the fluid dynamic of the system (Stephan, 2002).
The column internals were assumed to be catalytically active and in the form of
ring-shaped standard packing. This type of packing was employed by Jung et al. (1987).
In their patent, assigned to Dow Chemical, they claimed the use of this packing (Re2O7
over γ-alumina) as the catalyst employed for the metathesis of 1-butene. Other works that
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cite the use of dumped internals for reactive distillation include Flato and Hoffmann
(1992). They used catalytically active randomly packed Raschig rings (6 mm) for MTBE
production. Baur and Krishna (2002) performed simulation studies for TAME and used
Raschig rings of ¼” and 1”. Other column internals used include: catalytically active 9
mm Raschig rings (Bessling et al., 1998); self-made pellets of 7 mm (Fuchigami, 1990);
and an ion-exchange resin packed in a reactor separator unit (Wang et al., 1999). The
selection of internals is carried out using traditional methodology, where column internals
are chosen, and then specifications in the process are adjusted in order to achieve the
required separation.
It was also assumed in this work that the reaction medium did not contain any
trace impurities, such as water and other polar compounds. These are known inhibitors
for the catalytic system. It is known that metathesis is a complex reaction that may be
accompanied by side reactions such as isomerization or additional metathesis of products.
However, if metathesis of 1-octene to produce 7-tetradecene is carried out under
heterogeneous phase and controlled catalyst concentrations and temperature, the
selectivity is high and can approach 100%. These facts and the absence of kinetic and
thermodynamic data for the possible side reactions make it reasonable to not include
them in the model. Thus, it is assumed in this work that the only chemical reaction
occurring is the metathesis of 1-octene to form 7-tetradecene. When the desired reaction
product can undergo further reaction, reactive distillation is attractive because the
removal of one or more products from the reaction phase reduces or eliminates its
consumption by subsequent reactions.
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Another important consideration is to know the system behavior at the operating
conditions: existence of azeotropes, VLE, properties and residue curve maps, distillation
line diagrams, if available, and reliable thermodynamic and kinetic models. All these
tools will give a description of the system and will help to predict its performance.
Details for the physical properties and the thermodynamics of the 7-tetradecene system of
study are presented in Chapter 3. For every system, the final objective is to find a reaction
zone and feed location that accomplishes the purity specifications of the products and
maximizes the rate by allowing a high concentration of reactants in the reaction zone.
The definition of the feed and reaction zone location will depend on how well the system
behavior is known, the volatilities of the reactants and products, the specifications of the
distillate and bottoms, the characteristics of the reaction, and other considerations
described in more detail in Subawalla and Fair (1999).

4.4 Case Studies
4.4.1 Identification of Operating Conditions
In Figure 4.1, 7-tetradecene-reaction rates are plotted as a function of 1-octene
conversion at different temperatures. Examination of this plot reveals that reactive
distillation would be beneficial and allow the system to operate at reaction rates close to
equilibrium. At equilibrium, the forward and reverse reaction rates are balanced, resulting
in no net formation of products, and thus, is represented by the point on each isotherm
that corresponds to a net reaction rate of zero. Since this system is severely equilibrium
limited, separation of a product (or products) coupled with the reaction will shift the
equilibrium to favor production of the products. In conclusion, no pre-reactor is needed at
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an operating pressure of 9 bars because the rate of reaction is low and it will not be
economically justified. At other operating pressures, the use of a reactor followed by a
reactive distillation column may be warranted, depending upon how much conversion can
be achieved in the pre-reactor and if the coupling improves the total conversion.
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Figure 4.1. Formation Rates for 7-tetradecene Synthesis as a Function
of 1-octene Conversion at Different Temperatures.
4.4.2 Design Options- Reaction Zone
When 1-octene is fed to the reactive distillation unit, it contacts the catalyst and
reacts selectively to form 7-tetradecene and ethylene. Since ethylene is the low boiling
component and the lightest product, it will concentrate in the vapor phase and eventually
leave the column as the major component of the distillate. In contrast, 7-tetradecene is the
high boiling component and it will concentrate in the liquid phase, descending through
the column to be removed as the bottoms product.
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At the beginning of this work, two designs were considered for reactive
distillation in the system under study.
In the first design, a tower with a total condenser was selected. Preliminary
simulations were performed and convergence was feasible. However, the design was
discarded due to economics. Since a total condenser was used, the ethylene overhead
product was condensed, with a portion returned to column as reflux. Condensing ethylene
is not an economically attractive option, because a refrigerant must be used as the coolant
in the condenser. General rules of thumb recommend the selection of a condenser
pressure that allows ambient temperature water as the coolant.
In the second design, a tower with a partial condenser was selected. In this design,
the condenser is operated so as to allow condensation of the 1-octene from the vapor
stream entering the condenser, with ethylene remaining in the vapor phase. The 1-octene
is recycled to the column as reflux. The simulation results indicated that no pure
rectification section was needed above the reaction section to accomplish the purity
specifications. This is also in agreement with vapor liquid equilibrium that governs the
partitioning of the ethylene primarily into the vapor phase. As a result, the reaction zone
was positioned as the topmost section of the column. This positioning also minimizes the
catalyst deactivation, due to the lower temperatures realized near the top of the tower.
The positioning of the reaction zone within the column depends not only on the relative
volatilities of the reactants and products, but also on the type of reaction.
Pure 1-octene was fed directly to the reaction zone in order to maximize its
concentration in this region. Simulations were performed to examine the effect of feed

81
location. For total conversion of 1-octene, the optimal feed location was identified as
stage 2. Feeding on this stage resulted in a distillate stream rich in ethylene. Feeding on
lower stages gave rise to convergence problems because the recycle of 1-octene was not
sufficient to wet the packing.
4.4.3 Catalyst Volume
For a preliminary estimation of the catalyst volume in the reaction section, an
approach similar to HETES (height equivalent of a theoretical stage) was used. The
concept assumes that the reactive column can be modeled as a series of isothermal PFR
reactors coupled with ideal separators. Each PFR/separator combination represents an
ideal stage (Subawalla and Fair, 1999).
In this approach, 1-octene was fed to the first reactor and a fixed conversion close
to equilibrium was achieved. For this system, the effluent stream from each PFR was
assumed to have achieved 99% of the equilibrium conversion. The effluent stream from a
PFR was then fed to an ideal separator, where 1-octene was separated from the reaction
products (ethylene and 7-tetradecene). The unreacted 1-octene was then fed to the next
PFR. This procedure uses as many isothermal reactors as needed to achieve the desired
overall conversion. The reactors’ temperatures were fixed according to the range for
reaction temperature (in this case, from ambient temperature to 100°C). For simulation
purposes, the ideal separator was modeled as a flash distillation for the separation of
ethylene and a distillation column to separate the 1-octene and 7-tetradecene.
The catalyst volume estimated by this method is the minimum amount required
assuming ideal conditions. In an actual distillation column, non-idealities will be present,
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including back mixing, incomplete separation, and non-isothermal operation (Subawalla
and Fair, 1999).
For reactive distillation columns, the ideal flow regime may be approached by
increasing the number of segments to an extent that back mixing does not exist (Peng et
al., 2002). Essentially, it is a plug flow pattern with no axial or back mixing, and thus,
the flow profiles are uniform across a cross-section of the column. This scenario can be
represented by PFR reactors with ideal separators, placed in series. The other extreme is
the assumption of complete back mixing in each segment. This can be approximated
through a series of CSTR/separator units, where each CSTR with its ideal separator
represents a segment. By increasing the number of segments, the ideal flow pattern
approaches that in a PFR (no back mixing) since an infinite number of CSTR’s can be
used to represent a PFR. This is least efficient with respect to the size if one compares the
sizes needed for a PFR and a CSTR reactor to achieve the same conversion. Since a
reactive distillation column incorporates such non-idealities, its flow pattern is described
as intermediate to these two extremes cases.
Simulations were also performed for a series of isothermal CSTR’s coupled with
ideal separators to achieve the same overall conversion as in the case of the PFR-ideal
separator train. These two extremes provide preliminary bounds on the catalyst volume
required to accomplish the necessary production.
For a series of 9 PFR’s coupled with ideal separators and an initial feed rate of 1
gmol/ sec of 1-octene to the first reactor, the catalyst volume required to accomplish a
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conversion close to 0.99 was approximately 200 liters. With the same feed to a series of
CSTR’s paired with ideal separators, the catalyst volume required was almost 3000 liters.
4.4.4 Non-reactive Theoretical Stages
With the reaction section located at the top of the column and 1-octene fed to the
column on stage number 2, the next task was to determine the number of non-reactive
theoretical stages required to accomplish the separation of the product, 7-tetradecene,
from the unreacted 1-octene. This section of the column is located below the reactive
section. Traditional design methodology, the short cut method followed by a rigorous
distillation method, was employed for specifying this non-reactive section.
As discussed previously, simulations and classical distillation principles predict
that ethylene will concentrate in the vapor phase distillate by its continuous ascending
movement to the partial condenser, so there is no need to include a pure rectification
section above the reactive section for the purification of ethylene. However, a stripping
section is required to separate 1-octene from the desired bottoms product, 7-tetradecene.
The stripping section is designed as a non-reactive column section. Using these
conventional methods, an initial number of the theoretical stages required for the nonreactive stripping section was estimated.
The short cut method for conventional distillation was employed with the Fenske
equation for estimation of the minimum number of stages, the Underwood equation for
minimum reflux estimation, the Gilliland correlation for the number of stages at finite
reflux and the Fenske correlation for feed tray location.
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If 1-octene were to be specified as the light key component and 7-tetradecene as
the heavy key, ethylene will be a light non-key and will be concentrated in the vapor
stream and separated from 1-octene in the partial condenser. The selection of 1-octene as
the light key results in little or no 1-octene in the bottoms product, with the bottoms
product being essentially 7-tetradecene (the degree of impurity in this stream is governed
by the specified recoveries). If ethylene were to be specified as the light key, the 1-octene
is a ‘sandwich’ component and will split between the distillate and bottoms product
streams. In this case, the bottoms product will contain 1-octene, and the 7-tetradecene
will not be obtained with high purity as the bottoms product.
Two cases were examined. For both, specifications for the short cut method were
a partial condenser, a light key split of 0.99, and a heavy key split of 0.01. In
CHEMCAD, the splits are based on the fraction of a given component that exits the
column as part of the distillate stream. A pre-reacted mixture was fed to the distillation
column at ambient temperature with a specified flow rate. The effect of feed composition
was examined to determine its effect on the number of theoretical stages. The range of
flow rates considered was between 0.05 gmol/s to 0.8 gmol/s of 1-octene in the feed.
For both cases, 7-tetradecene was the heavy key. In the first case, 1-octene was
chosen as the light key, while in the second case, the light key was ethylene. For the first
case, with 1-octene as the light key component, a change in the feed composition changed
the number of stages in the rectification and stripping section. However, the total number
of stages remained fixed at 16 theoretical stages. This is because the distillate

85
compositions for the light key and heavy key were fixed. Results are summarized in
Table 4.1.

Table 4.1.Short Cut Method for 1-octene as Light Key Component.
Feed rate of
ethylene
(gmol/s)
0.475
0.45
0.40
0.35
0.30
0.25
0.20
0.15
0.10

Feed rate of 7tetradecene
(gmol/s)
0.475
0.45
0.40
0.35
0.30
0.25
0.20
0.15
0.10

Total
Feed
Q (kJ/s) Qreb(kJ/s)
Number of
Stage cond
Stages
16.5
8.2
-5.3
103.4
15.7
7.8
-6.3
103.1
15.5
7.7
-6.9
101.5
15.6
7.8
-7.0
99.5
15.8
7.9
-6.9
97.6
15.9
7.9
-6.8
95.8
16.2
8.0
-6.6
94.3
16.3
8.2
-6.6
92.2
16.4
8.2
-6.4
90.2

Reflux
Ratio
0.08
0.10
0.14
0.17
0.19
0.21
0.23
0.24
0.25

In the second case, with ethylene as the light key component, changes in feed
composition had a much greater influence on the number of theoretical stages. Results are
tabulated in Table 4.2.
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Table 4.2. Short Cut Method for Ethylene as Light Key Component.
Feed rate
Total
Feed rate of
of
7-tetradecene Number of
ethylene
Stages
(gmol/s)
(gmol/s)
0.475
0.475
12.9
0.45
0.45
12.6
0.40
0.40
12.3
0.35
0.35
11.9
0.30
0.30
11.5
0.25
0.25
11.0
0.20
0.20
10.6
0.15
0.15
10.0
0.10
0.10
9.68

Feed
Stage
6.4
6.3
6.1
5.9
5.7
5.5
5.3
5.0
4.8

Qcond(kJ/s) Qreb(kJ/s)
-2.10
-1.97
-1.71
-1.45
-1.22
-1.01
-0.83
-0.71
-0.60

92.72
88.45
81.32
76.13
72.56
70.27
68.93
67.79
67.24

Reflux
Ratio
0.028
0.028
0.028
0.028
0.029
0.031
0.033
0.036
0.039

Since the short cut method will provide initial estimates for the number of nonreaction stages for the reactive distillation column, the selection of ethylene as the light
key component seems to be in agreement with the expectations of obtaining almost pure
ethylene as the distillate and returning 1-octene to the column as liquid reflux. In this
case, the number of the stripping theoretical stages obtained from this procedure is a
conservative estimate.
After using the short cut method, a rigorous distillation method, SCDS, was
considered. This method is more flexible than the short cut method since it allows one to
impose on the distillation column specifications similar to those desired for the reactive
distillation column. For instance, the more economical operating mode for a condenser is
to use water at room temperature for cooling service. With the short cut method, when
either ethylene or 1-octene was selected as the light key, it was not possible to change the
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condenser temperature in the simulation. Thus, the simulation will provide a condenser
temperature high enough for 1-octene to exist in the vapor phase. A second outcome is a
low reflux ratio since, at the condenser temperature; there is too little liquid to be returned
to the column as reflux.
The rigorous distillation method SCDS allows one to adjust specifications to
those desired for reactive distillation by using the previous estimates from the short cut
method. If the condenser temperature is specified as room temperature, this specification
will result in the distillate containing mostly ethylene. Also, since the temperature in the
condenser is lower than the one obtained in the short cut method, more 1-octene will be
available as liquid to be recycled. The heat duty requirement in the reboiler is less. Most
of the 1-octene will be obtained in the bottoms with 7-tetradecene. This option, in the
case of reaction with distillation, will keep 1-octene in the tower. This is desirable since
1-octene is the reactant. However, for SDCS without reaction, observation of the
simulations with different concentrations of 1-octene in the feed showed more 1-octene in
the bottoms at higher concentrations of 1-octene in the feed. This resulted in a decrease in
the concentration of 7-tetradecene in the bottoms. The concentrations of ethylene and 1octene in the distillate will be constant. This means that the stages are not really working
as separation stages because ethylene is obtained in the distillate and 1-octene with 7tetradecene in the bottoms without being separated. The SCDS simulation showed that a
reduction in the number of stages did not alter the distillate and bottom compositions.
This confirms that the stages were not accomplishing separation. These results were
obtained due to the condenser temperature specification of 27°C and a lower heat in the
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reboiler than that needed to obtain more 1-octene in the distillate. Pure distillation is quite
different from distillation with reaction. The first case will not be favored by the
specifications because there is no separation, but the last case will be favored because the
concentration of 1-octene will increase inside the column. The 1-octene will then undergo
reaction instead of being obtained in the bottoms.
Due to the characteristics of the system under study, the short cut method
specifications could not be improved through use of SDCS. However, the application of
these methods for the case study was useful in that it allowed an understanding of the
separation behavior of the system without reaction. A preliminary estimate of the number
of theoretical stripping stages for the reactive distillation column was obtained using the
short cut method with ethylene as the light key component. For the most conservative
case, twelve stages were adopted as a preliminary estimate of the number of theoretical
stages required, corresponding to a reflux ratio of 0.03. These first estimates were then
adjusted during the reactive distillation simulations. If one considers 12 stages, with stage
1 as the partial condenser and stage 12 as the reboiler, and the feed on stage 6, five stages
are used for rectification and five stages are used for stripping.
4.4.5 Assumptions
The simulated process consists of two packed beds. One bed was reactive with 10
mm Raschig rings and the other bed was non-reactive (stripping zone) with 25 mm
ceramic Raschig rings. The upper bed contained active rings while the lower bed
contained non-catalytic rings. The void fraction and surface area corresponding to
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commercial Raschig rings composed of γ-Al2O3 were used as specifications for the
catalytic packing (Petro Ware, Inc., 2002).

Table 4.3. Packing Specifications and Correlations.
Raschig Rings 10 mm
3

Void fraction (ε) m /m3
Spec. Surface area (a) m2 /m3
Pressure drop correlation
Mass transfer model
Raschig Rings 25 mm

0.60
485
Billet and Schultes
Bravo and Fair

Void fraction (ε) m3/m3
Spec. Surface area (a) m2 /m3
Pressure drop correlation
Mass transfer model

0.68
190
Billet and Schultes
Bravo and Fair

A feed rate of 1 gmol/sec of 1-octene to the reactive distillation column was
assumed. A partial reboiler and partial condenser were specified; the stages were
numbered from the top to the bottom, with stage number one being the condenser and
stage N, the reboiler. Reaction was assumed to occur on the top section of the column. As
stated in Chapter 3, the kinetics for the liquid-phase metathesis of 1-octene at 9 bars over
Re2O7/Al2O3 catalyst were taken from Spronk et al. (1992). Simulations were performed
using the simultaneous correction distillation (SCDS) module from the commercially
available steady-state package CHEMCAD 5.2.0. The desired product, 7-tetradecene, is
sold commercially at 90 % purity. In this study, the desired purity was 90% or higher.
Specifications used are summarized in Table 4.4.
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Table 4.4. Design Specifications for 7-tetradecene Case Study.
Minimum desired conversion

Value
0.9

Minimum bottom purity 7-tetradecene

90 wt %

Maximum top impurity 7-tetradecene

50 ppm

Maximum percent flood

80 %

4.4.6 HETP
For the equilibrium stage based model, the height equivalent to a theoretical plate
(HETP) represents the separation efficiency or the departure from the equilibrium.
HETPs are obtained from manufacturers’ data or can be calculated using mass transfer
coefficients.
For the estimation of HETP, the procedure recommended by Baur and Krishna
(2002), was followed. The multi-component mass transfer problem was reduced to a
binary problem. Two key components were chosen for each section, with or without
reaction. Then HTUs were estimated using correlations that required mass transfer
coefficients, physical properties of the mixture such as diffusivities, density, viscosity,
surface tension, and packing characteristics such as material and shape. HETPs were then
estimated from HTUs. A detailed description of the methodology is given in Stichlmair
and Fair (1998), Seader (1998), Kister (1992), Perry’s Chemical Engineers’ Handbook
(1998) and Wankat (1988).
HETPs obtained in this way were only estimates. There still are no reliable
methods for the estimation of HETPs for reactive distillation columns. The Bravo and
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Fair correlation (1982) was considered in the model for the estimation of mass transfer
coefficients, as recommended by Kooijman and Taylor (2001) (Appendix D).
4.4.7 Determination of Column Diameter
Column diameter depends on the pressure drop, liquid and vapor loading and
percentage of flooding allowed. The maximum percent of flooding allowed was 80%.
The diameter was calculated using the pressure drop correlation of Billet and Schultes
(Appendix D). For the size of catalyst employed, some parameters of the Billet &
Schultes correlation were not available. In a reactive distillation of TAME, Baur and
Krishna (2002) used Raschig rings of ¼ inch for which not all of the parameters of the
correlation were available. In their paper, they did not describe what assumptions were
considered. For this work, Schultes (2003a, 2003b) recommended using constants for
Raschig rings that are similar in size to the chosen internals, but the surface area and void
fraction of the chosen packing. Current tables present void fraction and surface area of
packings made of standard materials such as ceramic, plastic and metals.
4.4.8 Process Development and Simulation
Simulations with the equilibrium based model and second order kinetics (Model
B) were performed. For the reactive zone, the number of reactive stages was first
specified as one, and the number of reactive stages was increased up to a maximum of 6.
The initial estimate for the catalyst volume was obtained from the PFRs coupled with
ideal separators. This represents the minimum catalyst volume required. This volume was
split and distributed on the reactive stages. Since the conversion achieved was small, the
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catalyst volume was increased and the conversion increased to 0.99. This was greater
than the desired conversion for the simulation (0.90) (Table 4.4). However, the volume
required was larger than the volume of the CSTRs in series.
For the non-reactive zone, initial estimates for the theoretical stripping stages and
reflux ratio were taken from the short cut method simulations. Conservative estimates
were 5 stripping stages and a reflux ratio of 0.03. These estimates were corrected through
several iterations including the reactive zone. The final number of theoretical stages
obtained for the stripping section was 9, with a reflux ratio of 0.004. The reflux ratio was
low because most of the distillate was ethylene and only a small amount of 1-octene was
returned to the column as reflux due to the high conversion. This constraint and others
restrain the selection of the feed location and reaction zone at the top of the reactive
distillation column.
These preliminary simulations reflected that each stage in the equilibrium model
was a CSTR. However, the fact that the volume required for the reaction was larger than
for the CSTR’s in series demonstrated that the system required a larger reaction volume
to obtain complete conversion. This phenomena reflects a kinetically controlled column.
In order to approach chemical equilibrium, large reaction volumes are required. The
profiles obtained from these simulations are represented in Figures 4.2 to 4.8.
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Figure 4.2. Temperature Profile for Equilibrium Model (EQM).

Figure 4.2 shows the temperature profile obtained when the equilibrium model is
employed. The reaction zone is located at the top of the column and is comprised of
stages one to seven. The remaining stages are pure separation stages. A smooth
temperature profile is observed with lower temperatures in the reactive zone where the
catalyst is located.
The larger temperatures in the bottom are due to the presence of 7-tetradecene,
which has a significantly higher molecular weight, and thus, a higher boiling temperature.
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Figure 4.3. Composition Profile for Liquid Phase (EQM).

Figure 4.3 shows the mole fractions of 1-octene, ethylene, and 7-tetradecene in
the liquid phase. In the reaction zone (stages 1 to 7), 1-octene is consumed, and as a
result, its mole fraction decreases. In this region also, the mole fractions of both ethylene
and 7-tetradecene increase because these compounds are being formed.
Stages 7 and 8 show the transition between the reaction and stripping zones in the
column. In the stripping zone, 7-tetradecene and 1-octene are being separated, resulting
in the concentration of 7-tetradecene in the bottoms. High mole fractions of 7-tetradecene
are obtained in the liquid phase. This is desirable since 7-teteadecene is the product of
interest.
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Figure 4.4. Liquid Molar Flow Rates (EQM).

In Figure 4.4, the component molar flow rates in the liquid phase are presented.
The transition between the reactive and stripping zones is better represented by the molar
flow rate profile of 1-octene. An increase in the 1-octene flow rate is observed on stage 2,
because this was the feed stage.
Ethylene is noticeably present in the reaction zone, but not in the separation zone.
The ethylene does not concentrate in the liquid phase in either region. The, stripping zone
has essentially no ethylene present and, thus, the separation of 1-octene and 7-tetradecene
is predominant in the stripping zone. Near the bottom of the column, a large flow rate of
7-tetradecene is observed. The decrease on the final stage is a result of removal of the
bottoms product stream from the reboiler at a rate of 0.5 mol/s of 7-tetradecene.
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Figure 4.5. Liquid Mass Flow Rates (EQM).

Figure 4.5 shows the same trends as Figure 4.4 differing only in the units used for
flow rate. The purpose of this figure is to show the production of 7-tetradecene, which is
the product of interest, in mass units.
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Figure 4.6. Composition Profile for the Vapor Phase (EQM).

Figure 4.6 shows the component mole fraction profile for the vapor phase.
Ethylene is observed to be the predominant component in the vapor phase in the reaction
zone. A high mole fraction of ethylene is achieved. This demonstrates that ethylene can
easily be separated in the partial condenser. The mole fraction of 1-octene reaches a
maximum on stage 8. From this stage to either end of the distillation column, the mole
fraction of 1-octene decreases, with minimum values in the condenser and the reboiler.
In contrast, the mole fraction of 7-tetradecene is opposite to that of ethylene. The
7-tetradecene is mostly present in the stripping zone; its large mole fraction in the
bottoms corresponds to the composition of the boilup from the reboiler.
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Figure 4.7. Molar Flow Rates for the Vapor Phase (EQM).

Figure 4.7 shows the molar flow rates for components in the vapor phase. The
trends of the molar flow rate profiles are essentially the same as the trends observed in
the composition profiles in Figure 4.6.
Figure 4.7 also shows that the location of the maximum molar flow rate is at stage
9, while the location of the maximum 1-octene composition is at stage 8 (Figure 4.6).
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Figure 4.8. Mass Flow Rates for the Vapor Phase (EQM).

Figure 4.8 provides information regarding the mass vapor flow rates in the
system. The component mass flow rates profiles are similar to the trends observed in
Figure 4.7 for the component molar flow rates. The 7-tetradecene increases its mass flow
rate in the bottoms and is separated in the reboiler, being the vapor flow rate recycled to
the reactive distillation column.
In order to analyze the kinetically controlled regime, the previous simulations
obtained in the limit of chemical equilibrium and design parameters were adjusted to
obtain a design for the nonequilibrium stage model (rate-base model). This model
considers internal specifications. The rate-based model also required specification of the
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diameter and height of the column. This allowed the adjustment of the size of the catalyst
volume in order to evaluate the behavior of the system at lower catalyst volumes.
For the case under study, the forward reaction is slow, but the reverse reaction is
slower. Moreover, the volatility of the reactant is sandwiched between the volatilities of
the products. This is favorable for separation purposes and thus, the product formation is
higher.
The configurations selected may require long residence times to achieve high
conversions (i.e., high reaction volumes are needed). Smaller feed rates improved the
residence time. Increased feed flow rate led to decreased contact time, which
consequently reduced the degree of conversion of the reactant.
Modification of variables such as feed flow rate, catalyst volume, reflux ratio,
number of segments, diameter and height of the column were performed in order to
obtain a feasible design.
The feed flow rate of 1-octene was decreased from 1 gmol/sec to 0.1 gmol/sec
and a feasible design was obtained. The reflux ratio was increased in order to reduce the
catalyst volume required. The condenser duty was also increased. The requirements of
0.98 wt % of 7-tetradecene in the bottom and 99% conversion were achieved with a
reflux ratio of 1.7. When the reflux ratio was 0.8, the weight % of 7-tetradecene in the
bottoms dropped to 0.94. An attempt to increase the reflux ratio from 1.7 resulted in nonconvergence of the simulation. When the catalyst volume was reduced, higher
temperatures were found in the section closer to the condenser. Even though the reflux
ratio and the condenser duty were increased with respect to the ideal design (comparison
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of Figures 4.2 and 4.8), the condenser did not cool the vapor leaving the top of the
packing to ambient temperature. This was due to the smaller reaction volume as
compared to the ideal case. In the ideal case, practically all of the 1-octene was reacted,
resulting in the distillate being almost pure ethylene. This also resulted in a lower reflux
ratio, since there was little 1-octene remaining for recycle back to the column. Changing
the number of segments, in either the reactive or non-reactive zones, did not result in an
improved design when the total height of reaction and stripping zone were kept constant.
An increase in the number of segments resulted in flat mole fraction profiles, which
indicated that these regions were accomplishing little to no separation.
The diameter of the tower was continuously adjusted in order to maintain column
loading below 80 % of the flooding limit. Flooding problems were identified in the
bottom section of the column where larger liquid flow rates were present; as a result, the
diameter in this column section was increased. For the reactive zone, the diameter
required was smaller. While it is possible to have swedged columns of this type, use of
the same diameter for both sections (0.6 m) provides for assurance that flooding will not
be of concern in either column sections. This is comparable to using a safety factor of 2
for the pressure drop. Table 4.5 summarizes the feasible design obtained for the 7tetradecene case under study.
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Table 4.5. Design and Operating Parameters for the 7-tetradecene
Reactive Distillation System.
Description
Number of segments
Total packed height (m)

Rate-based model
17
6.15

Number of segments (reactive)

6

Number of segments (stripping)

9

Reactive zone, height (m)

2.1

Stripping zone, height (m)

4.05

Column diameter (m)

0.6

Reflux ratio

1.7

Column feed segment

2

Catalyst volume (m3)

0.508

Percentage flood max

80

Reboiler duty (kJ/sec)

15.6766

Condenser duty (kJ/sec)

-5.18499

1-octene conversion

0.99

7-tetradecene wt % (bottom)

0.98

7-tetradecene mass fraction (top)

5 ppm
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Figure 4.9. Temperature Profile for Rate-based Model (RBM).

Figure 4.9 represents the temperature profile for the design obtained using the
rate-based model. The temperature profile is smooth, with higher temperatures at the
bottom of the column due to the presence of 7-tetradecene, whose boiling point
temperature is higher than that for either 1-octene or ethylene.
An important region is the reactive zone, where the catalyst is located. In this
region, the temperature profile is extremely important because temperature extremes in
this region can accelerate deactivation of the catalyst and thereby, decrease its
performance.
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Figure 4.10. Composition Profile for the Liquid Phase (RBM).
Figure 4.10 shows the composition profiles for 1-octene, ethylene and 7tetradecene. The 1-octene-mole fraction decreases smoothly in the reaction zone followed
by a sharp decrease at the bottom section of the column. The majority of ethylene is
concentrated in the top section of the column. The 7-tetradecene is concentrated in the
liquid phase in the non-reaction zone and is obtained at high purity as the bottoms
product. It is important to note the almost flat profiles near the beginning of the stripping
zone indicate that not much separation is achieved in this region. The major separation
between 7-tetradecene and 1-octene is accomplished in the final 2 meters of the stripping
zone.
Figures 4.11 and 4.12 show similar trends to Figure 4.10. Again, they are
presented in order to provide information concerning the flow rates expressed on both
mass and molar bases.
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Figure 4.11. Molar Flow Rates for the Liquid Phase (RBM).

120

1-Octene

Component Mass Flow Rate (g/s)

Ethylene
7-Tetradecene

100
80
60
40
20
0

non-reaction zone

reaction zone
0 m.

2.1 m.

6.15 m.

Distance from Top of Column

Figure 4.12. Mass Flow Rates for the Liquid Phase (RBM).
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Figure 4.13. Composition
position Profile for the Vapor Phase (RBM).

Figure 4.13 shows the component mole fraction profiles for the vapor phase,
obtained using the rate-based model. The profiles for ethylene and 7-tetradecene
intersect at the boundary between the reaction and stripping zones. The ethylene mole
fraction increases as one moves towards the top of the column, while the 7-tetradecene
mole fraction increases towards the bottom. The mole fraction of 1-octene decreases at
both the bottom and top of the column. A maximum for the mole fraction of 1-octene was
not observed in this figure, where the kinetic limit is considered. This is contrasted with
the findings from Figure 4.6, which considers the equilibrium limit. Instead, a flat profile
that covers part of both the reaction and non-reaction zones is observed. Also evident are
strong decreases in the mole fraction of 1-octene at either end of the column.
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Figure 4.15. Mass Flow Rates for the Vapor Phase (RBM).
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Figures 4.14 and 4.15 show the component flow rates for 1-octene, 7-tetradecene
and ethylene on both molar and mass bases. The trends of component flow rate profiles
are similar to the trends observed in Figure 4.13.
The temperature profile resulting from operation at 9 bars would result in
deactivation of the proposed catalyst; thus, to employ these conditions would require the
use of intercoolers (pump-around) or a different catalyst. Another option is to alter the
process conditions. Since one of the products is ethylene, the pressure is a key process
variable and the kinetic rate may differ as a result of changing pressure. Thus, the
equilibrium stage model with chemical equilibrium (Model A) was used for predictions at
operating pressures of 1, 3, 5 and 9 bars. For all cases examined, the feed to the column
was introduced on stage 2 at a rate of 1 gmol/sec, and the conversion achieved was 0.99
for all the simulations.

Table 4.6. Equilibrium Predictions at Different Pressures for 7-tetradecene Reactive
Distillation System.
P (bar)

1
3
5
9

Number of Stages
Reactive

Stripping

2
2
4
6

2
4
6
9

Q reboiler
(kJ/sec)

T reboiler
(oC)

67.76
84.98
92.82
107

241
301
332
371

7-tetradec.
Bottoms
(gmol/sec)
0.4902
0.4973
0.4978
0.4987

The predictions favor operation at a pressure of 1 bar. This is due to the lower
heat duty in the reboiler and the minimum stages required for reaction and separation.
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Operation at higher pressures would also require thicker thicknesses of vessel walls and
costs for pumping would be greater.
However, operation at 1 bar would result in a temperature profile that is more
favorable with respect to deactivation of the catalyst, compared to operation at 9 bars.
Operation at 1 bar also results in a shift of the equilibrium in favor of product formation,
due to the higher volatility of ethylene at 1 bar. Some of the profiles obtained by
simulation with model A are presented.
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Figure 4.16. Temperature Profile for Operation at 1 bar.
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Figure 4.16 shows the temperature profile for the system at an operating pressure
of 1 bar, assuming that chemical equilibrium is achieved. The reaction zone is located
from the top of the column down to stage 3; the remaining stages represent the stripping
zone. Working at 1 bar results in a much lower temperature range as compared to
operation at a pressure of 9 bars. This is beneficial in attenuating the deactivation of the
catalyst.
Figure 4.17 provides the mole fraction profiles for 1-octene, ethylene, and 7tetradecene at the pressure of 1 bar. The transition between the reaction and stripping
zones (stages 3 and 4) is clearly identified by the almost flat profiles for both 1-octene
and 7-tetradecene. In the bottoms stream, 7-tetradecene is being concentrated. Little
liquid ethylene is observed in the reaction zone. The distillate from the top of the reactive
distillation column is almost 1-octene with lower composition of 7-tetradecene.
Figure 4.18 shows a maximum molar flow rate of 1-octene occurs at stage 2 in the
reaction zone. This is primarily due to the introduction of pure 1-octene feed on this
stage. The molar flow rate of 1-octene decreases because of reaction. Separation of 1octene from 7-tetradene take place in the stripping zone. The 7-tetradecene increases its
molar flow rate due to its formation and decreases in the bottom of the column because of
the specification of the molar flow rate in the reboiler.
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Figure 4.19. Composition Profile for the Vapor Phase, P=1 bar.

In Figure 4.19, the composition profile for the vapor phase at 1 bar is provided for
1-octene, ethylene, and 7-tetradecene. The 1-octene exhibits a maximum composition at
stage 4, and is separated in both sections of the column. Ethylene is concentrated in the
vapor phase and is separated in the partial condenser. The 7-tetradecene increases its
concentration in the bottoms and is separated in the reboiler.
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Figure 4.20. Molar Flow Rates for the Vapor Phase, P=1 bar.

Figure 4.20 shows that the maximum flow rate of 1-octene is located at stage 5.
The trends for ethylene and 7-tetradecene are similar to the trends for composition
shown in Figure 4.19.
To determine if the model used for the predictions at different pressures is
sufficient to adequately describe the behavior of the system, a comparison of the three
models, described in Section 4.2, was performed at 9 bars and in the chemical
equilibrium limit. The feed flow rate employed for these simulations was 1 gmol/sec. The
comparisons were based on the obtained temperature and composition profiles. The
system was first modeled considering physical and chemical equilibrium (model A).
Physical equilibrium with a kinetically controlled reaction was incorporated in model B.
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Finally, the process was modeled as a nonequilibrium system, with a description of the
separation employing mass transfer and a kinetically controlled reaction (model C).
The three models predict similar trends with some differences due to the
assumptions made and the complexity of the model. Of the three models, the rate-based
model was more difficult to converge. However, the rate-based model described the
process more accurately and was more realistic. In contrast, the equilibrium stage model
with chemical equilibrium at each stage (model A) was much simpler, and is suitable for
initial predictions. It is not, however, a realistic model for reactive distillation unless the
reactions are equilibrium controlled. In a real sense, chemical equilibrium in reactive
distillation is not possible to achieve due to the continuous removal of the products from
the reaction phase. Model A was much easier to converge. In the equilibrium limit,
similar predictions were achieved from all three models (A, B, and C). Moreover, for
operation at 9 bars, a feasible design was obtained for the kinetic regime. However, the
high temperatures in the column would be of concern for the catalyst used in these
simulations. Operation at 1 bar in the kinetic limit may result in a feasible design with
temperatures low enough to avoid fast deactivation of the catalyst.
Figures 4.21 through 4.27 are the various profiles obtained for models A, B, and
C in the equilibrium limit. Even though models B and C describe the reaction using nth
order kinetics, the reaction volumes employed were such that chemical equilibrium was
approached. Model A already employed chemical equilibrium to describe the reaction.
The differences observed in the profiles of Figures 4.21 to 4.27 are mainly due to the
different models used to predict the physical separation. Model C differs from Model A
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and B in that it uses a mass transfer approach to describe the physical separation, rather
than the assumption of physical equilibrium on each stage assumed in models A and B.
The reaction model employed will also influence the behavior of the system. In
order to approach chemical equilibrium, the reaction volumes for models B and C should
be large, with a value of infinity signifying the chemical equilibrium limit.
In Figure 4.21, the obtained temperature profiles are shown for the three models
at a pressure of 9 bars. The reaction zone goes from the top of the column to
stage/segment seven. The non-reaction section is represented by the stripping zone. In the
transition between reaction and separation zones, models B and C have similar trends. In
the separation zone, differences among the models can be clearly identified. Models A
and B are similar and they differ from model C, where mass transfer effects are more
visible in this region.
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Figure 4.22. Mole Fraction of 1-octene at 9 bars in the Liquid Phase.

Figure 4.22 shows the mole fraction of 1-octene at 9 bars in the liquid phase for
the three models. For the reaction zone, models B and C give rise to similar trends. In the
transition between the reaction and separation zones, models B and C follow similar
trends, both presenting a maximum mole fraction of 1-octene in the stripping zone.
Through the majority of the separation zone, models A and B give almost identical
profiles. The curve for model A lies below the curves representing models B and C. This
is because more reaction is achieved with model A, which considers chemical
equilibrium.
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Figure 4.23. Mole Fraction of Ethylene at 9 bars in the Liquid Phase.
Figure 4.23 shows the ethylene mole fraction profiles in the liquid phase obtained
using the three models. The mole fractions of ethylene in the liquid phase are low, and it
does not appear in the bottom section of the column. The observed differences among the
profiles are due to the different approaches used for the reaction. The profile for Model A
falls above the profiles for models B and C, due to the chemical equilibrium approach
that implies more conversion.
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Figure 4.24. Mole Fraction of 7-tetradecene at 9 bars in the Liquid Phase.

In Figure 4.24, the mole fraction of 7-tetradecene at 9 bars in the liquid phase is
represented for all three models. Models B and C are similar in the reaction zone. In the
transition between reaction and separation zones, models B and C follow similar trends.
For the stripping zone, the profiles for models A and B are very similar. Model A shows
a higher mole fraction of 7-tetradecene.
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Figure 4.25. Mole Fraction of 1-octene at 9 bars in the Vapor Phase.

Figure 4.25 shows the mole fraction of 1-octene at 9 bars in the vapor phase. The
trends for models A, B, and C are similar, and show the presence of a maximum for the
mole fraction of 1-octene in the vapor phase. For model A, this maximum is of a lower
composition with respect to Models B and C. This is due to the assumption of chemical
equilibrium.
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Figure 4.26. Mole Fraction of Ethylene at 9 bars in the Vapor Phase.

In Figure 4.26, the mole fraction of ethylene at 9 bars in the vapor phase shows
that ethylene is mostly present in the reaction zone. It is concentrated in the vapor phase
and easily separated in the partial condenser.
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Figure 4.27. Mole Fraction for 7-tetradecene at 9 bars in the Vapor Phase.

Figure 4.27 represents the mole fraction of 7-tetradecene at 9 bars for the vapor
phase. Appreciable quantities of 7-tetradecene are not present in the vapor phase in the
reaction zone. However, in the stripping zone, appreciable amounts of 7-tetradecene are
observed. In this stripping zone, models A and B are similar, because both of them use
the equilibrium stage assumption for separation. Model C differs from models A and B
since it assumes a mass transfer approach.

CHAPTER V
CONCLUSIONS AND RECOMMENDATIONS

5.1 Summary of the Work
In this work, the production of 7-tetradecene by reactive distillation has been
examined. Processing strategies were identified through the extensive use of simulation
tools employing both equilibrium-stage and rate-based models.
The production was examined in the limit of no reaction and in the limit of the
reaction achieving chemical equilibrium. The analysis of conventional distillation with no
reaction was useful in understanding the behavior of the system and provided initial
estimates for the theoretical stages in the non-reactive zone. The limiting case, where
simultaneous phase and chemical equilibria were assumed (model A), gave adequate
temperature and composition profiles and complete conversion of 1-octene at an
operating pressure of 9 bars.
Using the same operating conditions as for Model A, a large volume of reaction
was assumed for the rate-based model (Model C) and the equilibrium stage model with
second order kinetics (Model B). This resulted in system profiles that approached
chemical equilibrium, and thus, approached the profiles obtained with Model A. From the
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comparisons of composition and temperature profiles for the three models, it was
observed that all three models (Models A, B, and C) predicted similar trends.
However, for modeling to be successful, a full understanding of equilibrium and
kinetic limits was necessary. Thus, a feasible design was obtained that assumed the
system of study to be kinetically controlled. This detailed design, which included
internals, was obtained through use of a rigorous rate-based model and adjustment of the
parameters previously obtained from the equilibrium stage-model. The developed design
showed good conversion but the obtained temperature profiles indicated temperatures
that would give rise to the fast deactivation of the catalyst of concern.
A comparison of the profiles obtained with those from Model A showed the
system as kinetically controlled and not equilibrium controlled (i.e., large reaction
volumes were needed to obtain profiles similar to the ones obtained with model A).
Predictions of the system behavior were performed with model A at operating
pressures of 1, 3 and 5 bars and compared to predictions at 9 bars operating pressure. The
predictions favored operation at a pressure of 1 bar, due to the lower heat duty in the
reboiler and the minimum stages required for reaction and separation. However, in order
to make a final conclusion, a more rigorous model such as the rate-based model is
needed. In order to examine this more rigorous case, the kinetics of the reaction at 1 bar
must be available.
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5.2 Conclusions
Reactive distillation was determined to be an attractive alternative to the
conventional reaction/separation strategies for the production of 7-tetradecene. In this
work, the simulation of reactive distillation for 7-tetradecene production was
accomplished, but substantial technical challenges remain. One important challenge is
the examination of the catalyst deactivation, which can never be avoided, but may
possibly be attenuated through proper selection of operating conditions. The selection of
packing was found to significantly influence both the conversion and selectivity.
At this point, a comprehensive economic evaluation is not possible. This would
be a necessary step in determining if the production of 7-tetradecene by reactive
distillation will be more economical than the conventional process. This can be
established through an experimental effort.
Examination of the problem through simulation allows the design engineer to
determine whether there is an incentive to spend more time, money and resources in
pursuing an alternative process based on reactive distillation.
5.3 Opportunities for Future Work
An experimental evaluation of the kinetics for the metathesis reaction at 1 bar is
warranted to obtain a reliable reaction kinetics model. Experimental phase equilibria data
for the system are also required. Availability of these data would provide for greater
confidence in the simulation results, because the predictions of reaction rates under
reactive distillation conditions would be more accurate.
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Use of a more specialized reactive distillation simulation program that allows the
modification of predefined modules or use of an equation oriented simulator to test the
validity of the assumptions would be beneficial.
Dynamic simulation would allow an examination of the process. Deactivation of
the catalyst should also be included in the simulation studies. Optimization of the design
by process optimization techniques, operability and control would be necessary. Finally,
identification of a catalyst that works better for the selected design is needed.
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APPENDIX A
THERMODYNAMIC AND PHYSICAL PROPERTIES
METHODS OF ESTIMATION
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Critical Properties
References: Poling et al. (2001) and Reid et al. (1987)
For all the group contribution methods in this appendix unless otherwise specified, units
for temperature are Kelvin, for pressure are bar, and for volume are cubic centimeters per
gmole.
Ambrose Group Contribution Method
Tb - boiling point temperature at 1 atm
Tc - critical temperature
Pc - critical pressure
Vc - critical volume
M - molecular weight
∆ are the contributions of atoms or group of atoms to the characteristic property. These
are tabulated for different groups in Reid et al. (1987).

[

Tc = Tb 1 + (1 .242 + ∑ ∆ T )

−1

]

(A.1)

Pc = M (0.339 + ∑ ∆ P )

(A.2)

Vc = 40 + ∑ ∆ v

(A.3)

−2

Joback Group Contribution Method
ηA = number of atoms per molecule

[

Tc = Tb 0.584 + 0.965∑ ∆ T − (∑ ∆ T )

]

2 −1

(A.4)

Pc = (0.113 + 0.0032 ηA − ∑ ∆ P )

(A.5)

Vc = 17 .5 + ∑ ∆ v

(A.6)

−2

Fedors Method
Tc = 535 log ∑ ∆ T

(A.7)
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Constantinou and Gani Method


Tc = 181 .128 ln  ∑ N k (Tc1 k ) + W ∑ M j Tc 2 j 
j
 k


( )



Pc = ∑ N k (Pc1k ) + W ∑ M j (Pc 2 j ) + 0.10022
j
k


(A.8)

−2

+ 1.3705

(A.9)



Vc = −0.00435 +  ∑ N k (Vc1k ) + W ∑ M j (Vc 2 j )
j
 k


(A.10)

N k = Number of 1st order group of type k in the molecule.
∑ = Contributions of 1st order groups to the specific property.
k

M j = Number of 2nd order group of type j in the molecule.

∑

= Contributions of 2nd order groups to the specific property.

j

W = Zero for 1st order calculations and 1 for 2nd order calculations.
Vc = m3/kmol
Pc1k or Pc2j = bar-1/2
Wilson and Jasperson
Tc =

Pc =

Tb


 0.048271 − 0.019846 N r + ∑ N k (∆t ck ) + ∑ M j (∆t cj )
k
j



0.2

0.0186233Tc
[− 0.96601 + exp(Y )]



Y = −0.00922295 − 0.0290403 N r + 0.041 ∑ N k (∆p ck ) + ∑ M j (∆p cj )
j

 k

(A.11)

(A.12)

(A.13)

N r = Number of rings
N k = Number of atoms of type k with first order atomic contributions, ∆pck and ∆tck
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M j = Number of groups of type j second order group contributions ∆pcj and ∆tcj

∑
∑

= Atomic contributions to the specific property.

k

= Group contributions to the specific property.

j

Method of Marrero and Pardillo
Tc =

Tb
2


 
 
−
−
0
.
5851
0
.
9286
N
t
N
t
 ∑ k cbk   ∑ k cbk  

 k
  k
 


Vc = 25.1 + ∑ N k v cbk

(A.14)

(A.15)

k



Pc = 0.1285 − 0.0059η A − ∑ N k p cbk 
k



−2

(A.16)

ηA =Number of atoms
N k = Number of atoms of type k.

∑

= Contributions to the specific property.

k

Acentric Factor
Definition
ω = log10 (Pvpr )simplefluid − log10 (Pvpr )T =0.7
Tt =0.7

r

Simple fluids Pvpr ≈ 0.1 @ Tr = 0.7 ⇒ ω ≈ 0

( A.17)
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Then

ω = −1 − log10 (Pvpr )T =0.7

(A.18)

r

Where
Tb
=0.7
Tc
P
Pvpr = v
Pc
So ω can be estimated by definition if Pc, Tc and Pv (vapor pressure @ Tr = 0.7) are
known.
Tr =

ω From the Ambrose-Walton Corresponding States Method Using Pitzer Expansion
Pitzer expansion
ln Pvpr = f ( o ) (Tr ) + ωf (1) (Tr ) + ω2 f ( 2 ) (Tr )

(A.19)

Ambrose and Walton analytical expressions
f ( 0) =

− 5.97616τ + 1.29874 τ1.5 − 0.60394 τ 2.5 − 1.06841τ 5
Tr

(A.20)

f (1) =

− 5.03365τ + 1.11505τ1.5 − 5.41217τ 2.5 − 7.46628τ 5
Tr

(A.21)

f

( 2)

− 0.64771τ + 2.41539 τ1.5 − 4.26979τ 2.5 + 3.25259τ 5
=
Tr

(A.22)

Where τ = (1 − Tr )
Since f(2) is close to zero, then ω2 term is neglected and from the Pitzer expansion one
obtains equation A.
 ln (Pc / 1.01325) + f ( 0 ) (Tr ) 
 (Where is in Pc bars and Tc in Kelvin)
ω = −
f (1) (Tr )



(A.23)
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Equation B
(A.24)

ω=3/7*Tbr/(1-Tbr)*log Pc-1
(Tc, Pc, Tb, P=1 atm)
From vapor pressure correlation.
Lee-Kesler
α = − ln Pc − 5.92714 + 6.09648Θ −1 + 1.28862 ln Θ − 0.169347Θ 6

(A.25)

β = 15.2518 − 15.6875Θ −1 − 13.4721ln Θ + 0.43577Θ 6

(A.26)

Θ=

Tb
α
; Then ω =
β
Tc

Pc in bars; T in Kelvin.
Constatinou and Gani
Estimation of ω from group contributions.
 
 
ω = 0.4085ln ∑ N k ( ω1k ) + w ∑ M j (ϖ2 j) + 1.1507 
  k
j
 

(1 / 0.5050 )

N k =Number of 1st order groups of type k.
ω1k=Contribution of the 1st order group to the specified property.
M j = Number of 2nd order group of type j.
ω2j =Contribution for the 2nd order group to the specific property.
w is zero for 1st order calculations and 1 for 2nd order calculations.

(A.27)
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Enthalpy, Gibbs Free Energy of Formation and Ideal Gas Heat
Capacity
Joback Method
∆H 0 f = 68.29 + ∑ n j ∆ H

(A.28)

∆G o f = 53.88 + ∑ n j ∆ g

(A.29)

j


 



C 0 p =  ∑ n j ∆ a − 37.93  +  ∑ n j ∆ b + 0.210 T +  ∑ n j ∆ c − 3.91 *10 −4 T 2
 j
  j

 j



+  ∑ n j ∆ d + 2.06 *10 −7 T 3

 j

(A.30)

nj number of groups of the jth type
∆ Contributions for the jth group

Vapor pressure
Lee Kesler form of the Pitzer Equation
Pitzer Expansion
ln Pvpr = f ( o ) (Tr ) + ωf (1) (Tr )

(A.31)

Lee and Kesler functions f(0) and f(1)
f ( o ) = 5.92714 −

6.09648
− 1.28862 ln (Tr ) + 0.169347Tr6
Tr

f ( o ) = 15.2518 −

15.6875
− 13.4721ln (Tr ) + 0.43577Tr6
Tr

(A.32)

(A.33)
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Riedel Corresponding States Method
ln Pvpr = A + −
where

B+
+ C + ln Tr + D + Tr6
Tr

A+=-35Q
D+=-Q

(A.34)

B+=-36Q
C+=42Q+αc
Q=K (3.758-αc)

αc= α at the critical point.
K= 0.0838, but it changes for acids and alcohols
αc =

3.758Kψ b + ln(Pc / 1.01325)
Kψ b − ln Tbr

ψ b = −35 +

h = Tbr

36
+ 42 ln Tbr − Tbr6
Tbr

ln (Pc / 1.01325)
1 − Tbr

Gomez-Thodos Equation
 1

ln (Pvpr ) = β  m − 1 + γ Tr7 − 1
 Tr


[

Where
γ = ah + bβ
h = Tbr

ln( Pc / 11.01325)
1 − Tbr

a=

1 − 1 / Tbr
Tbr7 − 1

b=

1 − 1 / Tbrm
Tbr7 − 1

]

(A.35)
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β = −4.26700 −

h

2.5

221.79
3.8126
+
2.5
exp(0.0384h ) exp(2272.44 / h 3 )

m = 0.78425 exp(0.089315h ) −

8.5217
exp(0.74826h )

Ambrose-Walton Corresponding States Method
Equations A.19 to A.22

Liquid Heat Capacity
Ruzicka and Domalski (R&D), Poling et al., (2001).
2

T
 T  
C pl = R  A + B *
+ D*
 
100
 100  


R= gas constant
k

A = ∑ n ia i
i =1
k

B = ∑ n i bi
i =1
k

D = ∑ n id i
i =1

Cp, j/gmol
ni=number of groups of type i
k=total number of different kinds of groups
ai, bi, di = parameters for the different groups

(A.36)

APPENDIX B
FUGACITY MODELS, ENTHALPY AND ENTROPY
MODELS, AND THERMODYNAMIC DATA
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Peng-Robison Equation of State
(Walas,1985; Sandler 1989)
Standard form in terms of molar volume:
P=

aα
RT
− 2
V − b V + 2bV − b 2

(B.1)

Polynomial form in terms of compressibility:
Z 3 − (1 − B)Z 2 + (A − 2 B − 3B2 )Z − (AB − B2 − B3 ) = 0

(B.2)

Parameters:
Pure components:
R 2 Tc2
a = 0.45724
Pc
b = 0.07780

(B.3)

RTc
Pc

[ (

(B.4)

) (

α = 1 + 0.37464 + 1.54226ω − 0.26992ω 2 * 1 − Tr0.5
m = 0.37464 + 1.54226ω − 0.26992ω 2

)]

2

(B.5)

(B.6)

ω= Acentric factor
A=

aαP
R 2T 2

(B.7)

B=

bP
RT

(B.8)

For mixtures, mixing rules are used to obtain the mixture parameters from the pure
component parameters. The van der Waals one fluid mixing rules are:
aα = ∑∑ y i y j (aα) ij

(B.9)
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b = ∑ yi bi

(B.10)

(aα )ij = (1 − k ij ) (aα )i (aα ) j

(B.11)

A = ∑∑ y i y j A ij

(B.12)

B = ∑ y i Bi

(B.13)

(

)

A ij = 1 − k i j (A i A j )

0.5

(B.14)

When evaluating parameters for the liquid phase, yi should be replaced by xi. The
compressibility then becomes Zl, the compressibility of the liquid, instead of Zv.
In the application of reactive distillation under study, a ternary mixture is present. When
the mixing rules are expanded for three components (i.e., for i=1,2,3), equation (B.15) is
obtained.
a = y1 y1 (aα )11 + y1 y 2 (aα )12 + y1 y 3 (aα )13 + y 2 y1 (aα )21 + y 2 y 2 (aα )22 + y 2 y 3 (aα )23
y 3 y1 (aα )31 + y 3 y 2 (aα )32 + y 3 y 3 (aα )33

(B.15)

(aα)ij = (aα) ji
for i = j or i ≠ j

(aα)ij = (1 − k ij ) (aα)i (aα) j

(B.16)

b = y1b1 + y 2 b 2 + y 3 b 3

(B.17)

The expansions for A and B are similar:
A = y1 y1A11 + y1 y 2 A12 + y1 y 3 A13 + y 2 y1A 21 + y 2 y 2 A 22 + y 2 y 3 A 23
y 3 y1A 31 + y 3 y 2 A 32 + y 3 y 3 A 33
B = y1 B1 + y 2 B2 + y 3 B3

(B.18)
(B.19)
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The binary interaction parameter, kij, is specific to a pair of components and must be
evaluated from experimental data. In this work, the binary interaction parameters used
are given here:
Table B.1. Binary Interaction Parameters for 1-octene Metathesis System.
Binary interaction parameter
kij(C2H4-C8H16) ≈ kij(C2H4-nC7H16)
kij(C2H4-C14H28) ≈ kij(C2H4-nC10H22)
kij(C8H16-C14H28) ≈ kij(nC4H10-nC10H22)

0.014
0.025
0.008

Departure Properties from an Equation of State
The departure property, ∆M’ (aka known as a residual property) is defined as:
∆M ' = M − M id

(B.20)

where Mid is the ideal gas property at the same temperature.
Residual enthalpy and entropy are evaluated from an equation of state using the integral
expressions:

  ∂P 

H − H = RT(Z − 1) + ∫ T  − P dV
∂T  V

∞ 
V

id

(B.21)

V
 ∂P 
R
S − Sid = R ln Z + ∫   −  dV
∂T  V V 
∞ 

(B.22)

For the Peng Robinson equation of state, these integrals are evaluated and yield the
following expressions for the residual enthalpy and residual entropy.
 da 
T  − a
Z +
dT
H − H id = RT (Z − 1) +  
ln 
2 2b
Z −

(
(

)
)

2 +1 B

2 −1 B

(B.23)

147
 da 
 
Z +
dT
id
S − S = R ln(Z − B) +   ln 
2 2b  Z −
where:

(
(

)
)

2 +1 B

2 −1 B

aαP
R 2T 2
bP
B=
RT

A=

(B.24)

(B.25)
(B.26)

For the liquid phase, xi and xi, replace yi and yj in these expressions.
The evaluation of these properties in gas and liquid states is possible if Cpidi is known.
∆H' = H(T , P ) − H id (T, P )

(B.27)

Ideal gas state enthalpy
T

H id = ∆H Tf0 + ∫ Cp id dT

(B.28)

To

∆H Tf0 = Heat of formation of gas at 298.15 K.
Cpid= the ideal gas heat capacity (at atmospheric or pressure near to zero)
Table B.2 Thermodynamic Data for 1-octene Metathesis System.
Component
Tc (K)
Pc(bar)
Tb(K)

1-octene
Ethylene
7-tetradecene
566.6
282.41
693.604
25.5
50.4318
16.64
394.44
169.47
523.2
4
4
o
-8.2927*10
5.2283*10
-2.1509*105
∆H f (J/gmol)
1.0443*105
6.8124*104
1.4722*105
∆Gof (J/gmol)
ω
0.3747
0.087
0.62
Parameter values for 1-Octene and Ethylene taken from the CHEMCAD database. For 7tetradecene, values are from Sigma-Aldrich (1990) or estimated using the techniques
outlined by Poling et al., (2001).
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For the metathesis reaction of 1-octene, the enthalpy and free energy of reaction were
evaluated using the available data.
∆H oR = 3047J / gmol = 0.727 Kcal / gmol
∆G oR = 6484J / gmol = 1548.67cal / gmol
These values indicate that the reaction is slightly endothermic. These values are of the
same order of magnitude as the metathesis enthalpy and free energy of reaction reported
for other metathesis reactions by Dragutan et al. (1985).

APPENDIX C
BULK DENSITY
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Volumetric Approach to Calculation of Catalyst Bulk Density (CBD), (Raad, 2003)
Given: γ-Al2O3
SA =200 m2/g (surface area)
PV = 0.5 ml/g (pore volume)
Size = 150-250 microns (catalyst diameter)
For a packed bed of 100 ml volume, there are three volume elements:
Vol. of Skeleton = (g)Al2O3 X 1/Sk Density = (g)Al2O3 /3.4
Vol. of Pores = (g)Al2O3 X PV = (g)Al2O3 X 0.5
Void Vol. = 100 X Void Fraction
Combining these three volume elements:
100 = 0.2941 X (g)Al2O3 + 0.5 X (g)Al2O3 + 100 X VF
100=0.7941 X (g)Al2O3+ 100 X VF
0.7941 X (g)Al2O3 = 100 X (1-VF)
Solving for CBD requires knowledge of the void fraction,VF, which is not given in the
definition of the problem. Assuming various VF values provides the following table of
results:
VF
0
0.38
0.43
0.5
1.0

CBD (g/ml)
1.26
0.78
0.72
0.63
0.0

Plotted on linear graph paper the result is a straight line relating CBD toVF for the
conditions given. Neither the surface area nor the particle size enter into the analysis.
Note; for spherical particles, the void fraction is 0.47 and the CBD = 0.66 g/ml.

Notation
CBD- catalyst bulk density, g/ml
PV- Pore volume, ml/g
SA- surface area, m2/g
Sk subscript for skeleton
VF void fraction

APPENDIX D
MASS TRANSFER COEFFICIENT CORRELATIONS,
PRESSURE DROP CORRELATIONS, AND VAPOR
AND LIQUID DIFFUSION COEFFICIENTS
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Mass Transfer Coefficient Correlations
Bravo and Fair (1982)
The equations of Onda are employed for the calculation of mass transfer coefficients in
random packing. However, the Bravo/Fair method differs from the original method of
Onda et al. in the use of another correlation for the interfacial area density.
Vapor phase mass transfer coefficient
k v = A * Re0v.7 * Sc0v.333 (a p * D v )(a p * d p )

−2

(D.1)

with
A is a constant that depends on the size of the packing
A = 2, if nominal packing size is less than 0.012 m, otherwise A = 5.23.
µv
Sc v = v
ρ * Dv
Re v =

ρv * u v
µv * a p

uv =

V * M vw
At * ρv

At =

D2 * Π
4

Liquid phase mass transfer coefficient
k = 0.0051 * (Rel )

0.667

l

with
Scl =

µl
ρl * Dl

(Scl )

−0.5

 µl * g 
 l 
 ρ 

0.333

(a

* dp )

0.4

p

(D.2)
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Re l =

ul =

ρl * u l
µl * a'

L * M lw
A t * ρl

Interfacial Area Density
a ' = 19.78 * a p * (Ca l * Re v )

0.392

σ0.5 H −0.4

(D.3)

Capillary Number
Ca l =

u l * µl
σ

(D.4)

Overall transfer rate
H Ov = H v + λ * H l

(D.5)

By definition
Nv ≡

K v * a '*H
uv

(D.6)

Nl ≡

Kl * al * H
ul

(D.7)

Since
Hv =

H
Nv

Hl =

H
Nl

Then
Hv =

uv
k * a'

(D.8)

Hl =

ul
k * a'

(D.9)

v

l
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The equation for HETP was derived for straight equilibrium and operating lines.
However, this relationship will be approximately valid for equilibrium and operating
lines that are curved (Wankat, 1988).
HEPT = H OG *
λ=

ln (λ )
λ −1

(D.10)

m
L/V

Pressure Drop Correlations
References: Billet and Schultes (1992, 1993), Kooijman and Taylor (2001)
This model is for gas-liquid, two phase counter current columns, filled with either
random or structured packing. It may be applied below the loading point and above the
loading point up to the flooding point. Vertical flow channels replace the effective free
space in the column. The method corrects for the holdup change in the loading regime.
Billet and Schultes (1992) follow the channel model structure that defines the porosity
(ε), the specific area (a) and equivalent or hydraulic diameter (dh or deq) as:

ε=

VG
=
V

ap =

zH c d 2h

π
4

V

A zH c d h π
=
V
V

(D.11)

(D.12)

4ε
(D.13)
ap
The equivalent diameter, deq, can also be defined as a function of the particle diameter.
dh =

dh =
or:
dp =

2
ε
*
*d p
3 (1 − ε )

(D.14)

6(1 − ε )
ap

(D.15)
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The liquid holdup, up to the loading region, is a function of the packing characteristics,
viscosity, density, and superficial velocity of the liquid. Since the liquid holdup below the
loading point is almost constant, it is considered independent of the gas velocity and is
given by the following dimensionless expressions.
Theoretical liquid holdup in the preloading region up to the loading point, assuming
partially wetted packing:
 Fr
h = 12 l
 Re l
*
l





1/ 3

 ah

a
 p






2/3

for uv<uv,l

(D.16)

Theoretical liquid holdup in the preloading region up to the loading point, assuming
totally wetted packing:
 Fr
h = 12 l
 Re l
w
l





1/ 3

for uv<uv,l

(D.17)

The Reynolds number is the relationship between inertial and viscous forces.
Re l =

u lρl
µ ap
l

=

ul
a pνl

(D.18)

The Froude number is the relationship between the inertial and gravitational forces.
Frl =

u l2 a p

(D.19)
g
The ratio of specific hydraulic area of packing, ah, to the specific surface area of packing,
ap, is given by:
ah
= C h Re 0l.15 Frl0.1
ap

if Re<5

(D.20)

ah
= 0.85C h Re 0L.25 Frl0.1 if Re ≥ 5
(D.21)
ap
ap and Ch are specific for a given packing. Ch is a constant that represents the difference
between the channel flow and the actual flow in a bed.
Under flooding conditions, the liquid holdup is estimated by:
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h l,fl

 µ lρ w
= 2.2 h 
l
 µwρ
*
l






0.05

for uv>uv,fl

(D.22)

hl is an empirical expression that describes the liquid holdup in the overall capacity range
until the flood point is reached. The liquid holdup between the loading point and the
flood point is predicted by hl.

(

h l = h + h l,fl
*
l

 u
− h  v
 u v ,fl
*
l

)






13

for uv<uv,fl

(D.23)

ρl 1
ρv ε

(D.24)

where
u v ,fl =

h
2g
(ε − h l,fl )1.5 l,fl
ε fl
ap

u
ε fl =  l
 uv

 ρl  µl 
 v  v 
 ρ µ 

0.2

(D.25)

If uv > uv,fl then hl = hl,fl
The pressure drop through a wetted column is estimated using equation (D.26):
 ap
∆p
= ψl
 (ε − h )3
Lt
l


 Fs2

 2K


(D.26)
where K is termed the wall factor and considers the difference of the local void fraction at
the wall of the column and the theoretical value, ε .
1
 2  1  d p
= 1 +  

K
 3  1 − ε  D c






(D.27)

Fs is the vapor, or gas, capacity factor:
Fs = u v ρ v

(D.28)
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 64
1.8
ψ l = C p 
+ 0.08
 Re v Re v


 Re  h
 exp l  wl


 200  h l







0.3

(D.29)

ψ l is a resistance coefficient that takes into consideration the change of the packing
surface due to the wetting. Cp is a constant characteristic of the packing type. The
Reynolds number for the vapor is given by:
u vd pρv

Re =

(1 − ε )µ v

(D.30)

k

Vapor and Liquid Diffusion Coefficients
References: Taylor and Krishna (1993), CHEMICAD Mass Transfer Model Module
Version 5.2 and Reid , et al., (1987).

Diffusion Coefficients for Liquid Mixtures
Liquid phase diffusion coefficients were estimated using the Maxwell-Stefan diffusion
coefficients for multicomponent liquid mixtures. The Maxwell-Stefan diffusion
coefficient is defined for each binary pair in the multicomponent mixture. The mixing
rule used is from Wesselingh and Krishna. (1990):
D

L

ij

( )

= D

0
ij

(1+ x j − x i )
2

( )

∗D

0
ji

(1+ x i − x )
2

(D.31)

where the binary infinite dilution diffusivity is defined by Wilke and Chang (1955):
7.4.10 −8 (φ M j )

1/ 2

D =
0
ij

T

µ jV

0.6
i

(D.32)

D ij0 is the diffusion coefficient of species i in species j at infinite dilution.

Vapor Diffusion Coefficients in Gas Mixtures
Binary diffusion coefficients in gas mixtures are estimated using the method of Wilke
and Lee, which is based on an equation for the binary diffusivity derived from a
simplified version of the kinetic theory of gases.
D ij = QT

3

2

((M

i

+ M J )) M i + M j )
Pσ ij2 Ω D

(D.33)
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Both Ω d and σ ij depend on the intermolecular force law selected. Ω d is also a function
of the temperature.
For the mixture, σ ij is calculated using an arithmetic mean:
σ ij =

σi + σ j

(D.34)

2

For each component, the characteristic length is estimated using the liquid molar volume
at the normal boiling point:
1

σ i = 1.18 Vb i 3

(D.35)

Neufeld fit the collision integral for diffusivity, Ω d , as a function of temperature for the
Lennard Jones intermolecular potential function:
Ωd =

A

(T )

* B

+

C
E
G
+
+
*
*
exp D T
exp F T
exp H T *

(

)

(

)

(

(D.36)

)

where the reduced temperature is defined as:
T* =

kT
ε ij

(D.37)

The energy parameter, εij, is found from the pure component parameters using a
geometric mean:
ε ij =

(ε ε )
i

(D.38)

j

with the energy parameter for the pure component estimated from the normal boiling
point:
εi
= 1.15 Tb.i
k

(D.39)

A = 1.06036

B = 0.15610

C = 0.19300

D = 0.47635

E = 1.03587

F = 1.52996

G = 1.76474

H = 3.89411

When the variable, Q, in equation (D.33) is defined as:

Q = 0.02199 − 0.00507

((M

i

+ M j ) MiM j )
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(D.40)

the Wilke and Lee equation is obtained. This is shown in equation (D.41).


 − 3 3 2
3.03 −  0.98 M 1 2  10 T
ij 


D ij =
12 2
P M ij σ ij Ω D

(D.41)

where the shorthand notation, Mij, is used:



M ij = 2  1  +  1
 
M
M
i  
j 


−1

Symbol List
A t - column cross sectional area, m2
a p or a - specific surface area of packing, m2/m3
a h - hydraulic area of packing, m2/m3
a ' - interfacial area density, m2/m3
Ca l - capillary number
D v - vapor phase diffusivity, m2/s
Dc - column diameter, m
d p - nominal packing size, m
D l - liquid phase diffusivity, m2/s
Dij - diffusion coefficient, cm2/s
Dlij - binary Maxwell-Stefan diffusivity in a multicomponent system, cm2/s
Doij - binary infinite dilution diffusivity of solute i in solvent j, cm2/s
d eq or d h - hydraulic or equivalent diameter, m
Fs - vapor or gas capacity factor, kg1/2/s m1/2
g –gravitational acceleration, 9.8 m/s2
H - height of the packing, m
H v - height of a transfer unit based on the vapor phase, m
H l - height of a transfer unit based on the liquid phase, m
H Ov - overall height of a transfer unit, m
HETP - height equivalent to a theoretical plate
hc - height of the channels
hl,fl - liquid holdup in the flooding region, m3/m3
hl* - liquid holdup up to the loading region with partially wetted packing, m3/m3

(D.42)
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w

3

3

hl - liquid holdup up to the loading region with totally wetted packing, m /m
hl - liquid holdup in the overall capacity range, m3/m3
K l - liquid phase mass transfer coefficient, m/s
K v - gas phase mass transfer coefficient, m/s
k - Boltzmann constant
L - liquid molar flow rate, mol/s
L / V - slope of the operating line
Lt - height of the packing, m
m - slope of the equilibrium line
Mw - molecular weight
Mj - molecular weight of the solvent j for Maxwell-Stefan diffusivity, g/mol.
Mi , Mj - molecular weights of species i and j, g/mol
N v - number of transfer units based on the vapor phase
N l - number of transfer units based on the liquid phase
P - pressure, bar (for Wilke & Lee equation)
Re v - Reynolds number for the vapor phase
Re l - Reynolds number for the liquid phase
Sc v - Schmidt number for the vapor phase
Sc l - Schmidt number for the liquid phase
T - absolute temperature, K
Tb - normal boiling point, K
u l - superficial velocity of the liquid, m/s
u v - superficial velocity of the vapor, m/s
u v - superficial velocity of the vapor, m/s
uv,fl - vapor velocity in the flooding point
u v,l - vapor velocity in the loading point
V - gas molar flow rate, mol/s
Vbi - liquid molar volume of species i at Tb, cm3/mol
Vi - molar volume of solute i at normal boiling point for Maxwell-Stefan diffusivity,
cm3/mol.
x - component mol fraction
z - number of channels
Greek letters
µ v - viscocity of vapor phase mixture, Pa s
ρ v - density of vapor phase mixture, kg/m3
ρ l - density of liquid phase mixture, kg/m3
µ l - viscosity of liquid phase mixture, Pa s
µ j - viscosity of solvent j, for Maxwell-Stefan diffusivity, cP
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σ - surface tension of liquid mixture, N/m
λ - stripping factor
ε - porosity
ν l - kinematic viscosity, m2/s
µ w - water viscosity, Pa s
ρ w - water density, kg/m3
Ω d - diffusion collision integral for diffusion
o

σ ij - characteristic length, A
ε ij - molecular energy parameter
φ - association factor of solvent j, dimensionless
∆p - pressure drop, Pa

